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INTRODUCTION 

 

Nowadays, the conversion of biomass or other waste streams for chemicals or fuel 

production is one of the most well-studied science thoughts due to its importance either 

economically or environmentally. The optimization of these clean technologies that will 

replace the traditional ones is the major problem that chemical engineers are required to 

solve, because of the complexity of these pathways. Qualitative methods, such as 

mathematical programming methods, are traditionally used in decision making and strategy 

planning. The selection of the most promising technologies for waste valorization within 

the biorefinery framework is therefore based on a relatively accurate economic model that 

allows the efficient evaluation and ranking of alternatives. Complete enumeration and 

detailed evaluation of alternative bioprocesses is thus avoided and promising solutions that 

can be isolated quickly.   

 In the Chapter 2 of this thesis a systematic methodology for solving the problem of 

technology selection is proposed which is based on mathematical programming techniques. 

The novelty of the work that will be presented is that it incorporates significant details of 

the bioprocess design at the strategic model and also use is made of a relatively accurate 

model for estimating the cost of manufacture of the alternative bioprocesses. An extensive 

case study is also performed in order to demonstrate the usefulness of the proposed 

methodology. 

In Chapter 3 a mathematical model for designing and optimizing the biotransformation 

(bioreaction) section of biotechnological processes will be presented. The model has been 

augmented by equations for the estimation of the equipment cost derived from a recent 

publication by the US National Renewable Energy Laboratory. A mathematical 

programming model is then proposed that can be used to derive the cost-optimal design of 

process units and the optimal scheduling of their operation so as to minimize an 

approximate annual cost. The proposed model and supplied software can be used to 

quantify the effects of decision or improvements taken at a lab scale on the process 

economics. It is of paramount important to note that this can be achieved at the early stage 

of the development of a biotechnological project. Due to the efficient implementation 

several parametric studies can also be performed so as to guide further experimentation and 

set important milestones in order to achieve the performance metric for successful 

commercialization. 

The economics of MEK production, which can be used as substitute of BDO, from 

glycerol through biotechnological route, is studied in Chapter 4. The aim of the case study 

that will be performed is to list the main parameters that should be optimized in order to 

achieve a commercially competitive product. In this effort an alternative downstream 

process will be presented. In order to calculate the minimum selling price of MEK a 

discounted cash flow (DCF) analysis will also be performed.  
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2.1 INTRODUCTION 

 

Waste and by-product streams from existing industrial sectors could be used as renewable 

resources for both biorefinery development and production of nutrient-complete 

fermentation feedstocks. The potential of utilizing waste and by-product streams from 

current industrial activities for the production of chemicals and/or energy via microbial 

bioconversion opens numerous possibilities to connect industrial product lines with existing 

agricultural production units. According to the United States Department of Energy “a 

biorefinery is an overall concept of a processing plant where biomass feedstocks are 

converted and extracted into a spectrum of valuable products, based on the petrochemical 

refinery”. The goal within the biorefinery concept is to start with a biomass feedstock-mix, 

to produce a multiplicity of products by a technology-mix in a systematic and 

technologically feasible way so as to improve economics and environmental performance 

(Kamm and Kamm, 2004). This is clearly closely related to the issues of the volatility in the 

cost of depleting fossil resources, the global warming and greenhouse gas (GHG) 

emissions, and the general desire for adopting environmentally friendly processes.  

There is an unprecedented rate at which knowledge about potential microbial 

bioconversions is generated (Lee et al., 2014), (Lee et al. 2012), (Koutinas et al. 2014). Any 

industrial byproduct stream that is produced in significant quantities is now considered as a 

valuable resource rather than as a waste stream. These resources are utilised in laboratory 

scale equipment to investigate the potential of producing via fermentation a variety of 

intracellular or extracellular product such as important platform chemicals (i.e., selected 

C2–C6 metabolic products and single cell oil) and biopolymers (Lee et al., 2014), (Wee et 

al., 2004). In industrial or white biotechnology (i.e. the application of biotechnology for the 

processing and production of chemicals, materials and energy) enzymes and micro-

organisms are used to make products in sectors such as chemistry, food and feed, paper and 

pulp, textiles and energy (European Commission, 2015), (Koutinas et al. 2014), (Werpy et 

al., 2004). The possibilities have been expanded by the potential to utilize metabolically 

engineered microbial host that overproduce industrially useful chemical.  The aim is to 

improve overall conversion, eliminate secondary products, reduce costs and finally make a 

particularly route for byproduct utilization economically attractive and revolutionary.  

However, the economic forces that attract capital to a revolutionary process are not the 

only forces applied during the diffusion of new, revolutionary technology into the economy 

(Day et al. 1973), (Rudd, 1975). This explains partially the slow rate at which white 

biotechnology is adopted by the industry. Technical and economic feasibility are necessary 

(but not sufficient) conditions to turn any invention into innovation. There is a long list of 

technologies that have promised much in the recent history of technological development 

but have, unfortunately, delivered little. Basic and sound engineering facilitates the process 

of enabling the process of transforming an invention into innovation. Given the plethora of 

available biotransformations the aim is to develop engineering tools so as to evaluate their 

technical and economic characteristics with sufficient accuracy in acceptable time scales. 

This excludes exhaustive enumeration and evaluation of all available routes. This is by no 

means a recent challenge (Grossmann and Santibanez, 1980), (Rudd, 1975), (Sahinidis et 

al, 1989). The problem of technology selection is among the most important, most difficult 
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and most well-studied problems in systems engineering. Technology selection is part of the 

long term, strategic capacity planning problem.   

Quantitive methods, such as mathematical programming methods, are traditionally 

used in decision making concerning capacity planning, especially at tactical and operational 

level (Daoutidis et al. 2013), (El-Halwagi et al, 2013), (Garcia and You, 2014), (Marvin et 

al. ,2013), (Pham and El-Halwagi, 2012). However, it is the strategic level at which the use 

of quantitive methods might have the greater impact as decisions at this level allocate 

irreversibly substantial resources. The reasons that make the incorporation of qualitative 

methods in the strategic planning of biotransformations difficult are: the complexities of the 

underlying bioprocess, the high uncertain demand and for the potential products and their 

high degree of flexibility for substitution among them (two or more raw materials can be 

used to produce the same target molecule and two or more target molecules can be used to 

satisfy the same need) (Rudd, 1975), (Sahinidis et al, 1989). 

The aim of this work is to propose a mathematical programming methodology that can 

be used in assisting decision makers to undertake decisions related to the strategic (long 

term) planning of the valorizations of industrial byproduct streams via white biotechnology. 

The novelty of the work presented is that it incorporates significant details of the bioprocess 

design at the strategic model and also use is made of a relatively accurate model for 

estimating the cost of manufacture of the alternative bioprocesses. The selection of the most 

promising technologies for waste valorization within the biorefinery framework is therefore 

based on a relatively accurate economic model that allows the efficient evaluation and 

ranking of alternatives. Complete enumeration and detailed evaluation of alternative 

bioprocesses is thus avoided and promising solutions can be isolated quickly.   
 

2.1.1 PLATFORM CHEMICALS 

By using the definition ‘’platform chemicals’’ we describe those chemicals derived from 

fossil resources and used as precursors of chemical, fuel and material production processes. 

The International Energy Agency (IEA) defines platforms chemicals as «intermediates in 

the process of conversion of biomass to final products, or as links between different bio-

processes or final products (European Commission, 2015). These chemicals are consisted 

of 2-6 carbon atoms compounds including diols, polymers, acids, alcohols and other 

chemical intermediates. Nowadays, due to environmental pollution, the limited fossil fuel 

sources and the CO2 and other Greenhouse gases emissions, the main interest of the science 

is focused on ‘’green’’ and sustainable methods of producing these chemicals from 

renewable sources (Lee et al., 2012). Renewable sources include waste streams of industrial 

sectors of food and paper industry or biofuels and bioethanol production. The adoption of 

the fossil-based with regard to the bio-based process requires the use of innovative and 

changes in the existing chemical industry infrastructure (Koutinas et al., 2014). The 

potential of utilizing waste and by-product streams from current industrial activities leading 

to production of chemicals and/or energy via microbial bioconversion opens numerous 

possibilities to connect industrial product lines with existing agricultural production units.  
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Figure 2.1 Base chemicals and derivatives produced from petroleum (Koutinas et al.,2014) 

 

2.1.2 ΒIOREFINERIES 

Although most of the platform chemicals are at present produced by the different steps of 

distillation of fossil oil, some of them can be produced by bio-based methods, through the 

biorefineries. The term ‘‘biorefinery’’ describes all these physical or chemical processes, 

that have as a result the conversion of biomass into a commercial context for the production 

of fuels, chemicals, polymers, materials, food, feed and value-added chemicals (Koutinas et 

al.,2014). The definition given by the United States Department of Energy claims that “a 

biorefinery is an overall concept of a processing plant where biomass feedstocks are 

converted and extracted into a spectrum of valuable products, based on the petrochemical 

refinery”. The goal within the biorefinery concept is to start with a biomass feedstock-mix, 

to produce a multiplicity of products by a technology-mix in a systematic and 

technologically feasible way so as to improve economics and environmental performance 

(Kamm and Kamm, 2004). These biotransformation processes will take place through 

biotechnology, especially through white biotechnology, using enzymes, microorganisms 

and fermentation (Liguori et al. 2013). 

 

2.1.3 ΙNDUSTRIAL WASTES AND BY-PRODUCTS STREAMS 

The biomass feedstock used by the biorefineries for fermentative production of platform 

chemicals and bio-polymers are based on the exploitation of carbon from these renewable 

sources. The major waste streams that are already mastered by the industry are (a) food 

industry waste streams, (b) wastes of wood processing industry, (c) pulp and paper mills, 

(d) agricultural waste of bioethanol and biodiesel production.  

Food waste streams are derived from the three basic stages of the food industry chain: (i) 

production and storage of raw materials, (ii) food production process and (iii) municipal 

waste disposal including domestic and out-of-date or unconsumed products from 

restaurants and super markets. 
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Figure 2.2 An overview of the biomass-based biorefinery industry (Oh et al., 2015) 

 

Another industry domain that produces huge amounts of byproducts that can be used as 

a raw material for bio-based chemicals is the wood processing industry. The wood residues 

have a similar composition as the inner part of the tree, including the same percentages of 

cellulose, hemicellulose and lignin and low moisture content. 

Ethanol can be used either as a fuel or as a platform chemical. It can be produced by 

three type of plant feedstock: (i) starchy crops, (ii) sugar crops, and (iii) lignocellulosic 

biomass. Both biodiesel and bioethanol production residues are used as raw materials into 

advanced biorefineries for the production of fuel, chemicals, materials, energy and high-

value products. 

 

2.2 BIO-BASED PRODUCTION OF C2-C6 PLATFORM 

CHEMICALS 

Nowadays, owing to the huge increase of the agricultural industry, the annual global 

lignocellulosic wastes production has become huge. These wastes include agricultural 

residues, food farming wastes, “green-grocer's wastes,” tree and farm pruning residues, and 

organic and paper of urban solid wastes. The common ways currently used for treatment of 

these wastes include landfilling, combustion and feeding for animals (Liguori et al. 2013). 

The disadvantages of these ways are mainly the high cost of transport, the low calorific 

value, the high humidity content, and the unsuitability of the wastes when using them as 

feed. 

 
Figure 2.3 Representative building blocks and platform chemicals (Lee et al., 2012) 
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 Upgrading these wastes by white biotechnological processes may lead to acquisition 

of high added value products including enzymes, organic acids, biopolymers, bioelectricity, 

biofuels, and other molecular components for food or pharmacy industries (Liguori et al. 

2013). The main factors that must be addressed during the production of bio-based platform 

chemicals contain the increase of yield efficiency of natural or genetically engineered 

microorganisms, the compatibility with existing industrial infrastructures, the optimization 

of downstream processes, and access to cost-competitive and sustainable resources (Lee et 

al., 2012). 
 

2.2.1 PRODUCTION OF C2 CHEMICALS 

In this part we refer to the bio-based production of C2 platform chemicals, containing 

ethanol and its derivatives ethylene and ethylene glycol, and acetic acid. 

 
Table 2.1 Main uses of platform chemicals  

Carbon 

atoms 

Platform chemical Use/Appliance 

C2 
Ethanol Alternative to fossil fuels  

Acetic acid Industry of vinyl acetate, acetate 

C3 

Propionic acid Industry of pharmaceuticals, perfumes  

Lactic acid Industry of food, pharmaceutical, textile, leather 

Isopropanol and 1-Propanol  

3HP     

1,2-1,3-Propanediol  

C4 

Butyric acid Industry of food, perfume, and polymer 

Succinic acid Industry of food and beverage  

Malic acid Industry of food  

Fumaric acid Industry of food an plastics 

1-Butanol and Isobutanol Industry of paint, fuels and solvents 

1,4-2,3-Butanediol Industry of plastics 

C5 
Itaconic acid Industry of plastics 

Xylitol Industry of food, pharmaceutical 

C6 
Adipic acid Industry of polyamides 

Glucaric acid Medical uses 

 

2.2.1.1 Ethanol (EtOH) 

Ethanol (EtOH) is biologically produced from corn starch (USA) and sugarcane sucrose 

(Brazil) on large scales and production exceeds 75,000 kty
−1

. It can be utilised as an 
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alternative to fossil fuels but is also an important platform chemical that can be transformed 

to ethylene and ethylene glycol used in the production of polyethylene and poly(ethylene 

terephthalate). Ethylene and ethylene glycol can be chemically converted from bioethanol, 

and may be broadly considered bio-based platform chemicals. Ethylene is widely used in 

the chemical and polymer industries, and its worldwide production of 120 million tons in 

2008. Biotechnological production of ethylene and ethylene glycol still needs more 

research, with main effort the development of modified engineered microorganisms for 

direct production (Lee et al., 2012). 

 

2.2.1.2 Acetic acid (AA) 

Acetic acid is an important C2 platform chemical used in the industry of manufacturing 

vinyl acetate, acetic anhydride, and cellulose acetate. The global production of acetic acid 

was estimated to be 7 million tons per year in 2007 (Sauer et al., 2008). Until the late 19th 

century, all acetic acid was produced by the fermentation of sugar to ethanol, followed by a 

second stage microbial oxidation to acetic acid. Currently, acetic acid is produced by 

chemical methods, such as methanol carbonylation, acetaldehyde oxidation, and butane 

liquid phase oxidation processes. 

 
 

2.2.2 PRODUCTION OF C3 CHEMICALS 

In this subsection, we cover the bio-based production of C3 platform chemicals, such as 

propionic acid (C3 carboxylic acid), lactic acid, isopropanol (C3 alcohols) and 1,2-1,3-

propanediol (C3 diol). 
 

2.2.2.1 Propionic acid (PA)  

Propionic acid is a monocarboxylic acid with many applications in industry of bactericides, 

fungicides, herbicides, pharmaceuticals, perfumes and emulsifying agents (Koutinas et al. 

2014).  Propionic acid (PS) is used, among others, as preservative, anti-mold agent, 

flavoring agent, herbicide and dye intermediate, as textile and rubber auxiliary and in 

cosmetics (BASF, 2015). Global propionic acid market could reach a market value worth 

US$ 1,540.5 million by 2019, observing growth at a rate of 7.7% from 2013 to 2019. 

Volume-wise, the market observed demands worth 381.7 kt in 2012 and is expected to 

grow at a rate of 2.3% during the forecast period (Transparency Market Research,2015). 

Figure 2.4 Metabolic pathways that produce ethanol from xylose, glucose, and cellobiose (Lee et al., 

2012) 



14 
 

2.2.2.2 Lactic acid (LA) 

Biotechnological production of lactic acid (LA) is superior to chemical synthesis regarding 

product specificity, usage of low cost substrates and lower consumption of energy. Due to 

its versatile applications in the traditional food, pharmaceutical, textile, leather and 

chemical industries sector, together with the recently developed commercialization of lactic 

acid derived biopolymers (PLA), lactic acid annual production has increased to around 470 

kty
−1

. Corbion Pular is the largest producer of LA. A significant increase of 80% is 

expected in the global demand for LA in near future.  

 

2.2.2.3 Isopropanol and 1-Propanol 

1-Propanol and iso-propanol can be used as a substitute of methanol on esterifying 

reagents, and the formed esters show reduced crystallization at low temperatures (Hanai et 

al., 2007). Chemically, 1-propanol is produced from ethane, carbon monoxide, and 

hydrogen, while iso-propanol is produced by a hydration reaction between water and 

propene (Jain and Yan, 2011). 

 

2.2.2.4 1,2-1,3-Propanediol (PDO) 

1,3-Propanediol (PDO) cab be used in many chemical reactions, especially poly-

condensations, resulting in the synthesis of poly-esters, poly-ethers and poly-urethanes. 

PDO-derived plastics, besides their biodegradability, exhibit better product properties and 

higher light stability than those produced from 1,2-propanediol, 2,3-butanediol or ethylene 

glycol (DuPont/Tate and Lyle, 2015). Metabolic Explorer Inc. was among to report high 

productivities of metabolically modified micro-organisms followed by DuPont and 

Genecor International Inc. also reported. DuPont Tate and Lyle BioProducts have 

commercialized several bio-based 1,3-PDOs, including Zemea and Susterra propanediol 

(DuPont/Tate and Lyle, 2015) and the American Chemical Society awarded the Bio-PDO 

research teams at DuPont, Tate & Lyle, and Genencor International the "2007 Heroes of 

Chemistry" award. 

 

Figure 2.5 Ethanol fermentation pathways that produce acetic acid (Lee et al., 2012) 

Figure 2.6 Metabolic pathways that produce propionic acid (Lee et al., 2012) 
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2.2.2.5 3-Hydroxypropionic Acid (3-HP ) 

3-HP is one of the most important platform chemicals, as the top third one, according to the 

US department of Energy that can be derived from biomass (Kumar et al., 2013). It is also 

known as hydracrylic acid and has a wide variety of applications in production industry of 

many high added value product, including acrylic acid, 1,3-propanediol, methyl acrylate, 

malonic acid, acrylamide, and hydroxyamides (Ashok et al. 2013). Nowadays, biological 

production of 3-HP from renewable sources has gained wide attention due to the industrial 

importance. Although its big importance, there are disadvantages which are due to the 

toxicity, such as the low titer, yield and productivity. This platform chemical can be 

produced via chemical or sustainable processes owing to its versatility in applications for 

the synthesis, regardless of whether there is no viable process available for producing of 

3HP industrially (Nino et al., 2013). 

  

2.2.3 PRODUCTION OF C4 CHEMICALS 

In this part we analyze the C4 bio-based platform chemicals group which contain the 

butyric acid (C4 carboxylic acid), succinic, malic and fumaric acids (C4 dicarboxylic 

acids),1-butanol and isobutanol (C4 alcohols) and 1,4-2,3-Butanediol (C4 diols). 

 

2.2.3.1 Butyric acid (BA) 

Butyric acid (BA) is an aliphatic fatty acid that is used in the food, perfume, and polymer 

industries. It is used for the production of textile fibers, photographic films and eyeglass 

frames. In 2008, petrochemical production of butyric acid, based on oxidation of 

butyraldehyde, was approximately 500 kt·y
-1

. Today, butyric acid is produced by chemical 

synthesis from petroleum. However, butyric acid production by fermentation from biomass 

has gained ground as an alternative to petroleum-based one because of increasing of the 

scientific interest of natural ingredients (Jang et al., 2013). 

 

2.2.3.2 Succinic acid (SA) 

Succinic acid (SA) can be found as a major metabolic intermediate in pro-caryotic and 

eukaryotic microorganisms and is a precursor to some specialized biodegradable polyesters 

and as a green solvent (Ma et al., 2014). It is also a component of some alkyd resins. 

Succinic acid is used in the food and beverage industry as acidity regulator or food additive 

and dietary supplement and as an excipient in pharmaceutical products (Zeikus et al., 

1999). 50% of the current market is produced biotechnologically from companies like 

Figure 2.7 Metabolic pathways that produce lactic acid and isopropanol
 
(Lee et al., 2012) 
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BioAmber, Reverdia, Myriant, BASF and Purac. According to conservative estimates 

production of bio-succinic acid will reach 250 kty
−1

 by 2020.  

 

2.2.3.3 Malic acid (MA) 

Malic acid, is a dicarboxylic acid with an asymmetric carbon, having D- and L+ isomers, and 

an intermediate of the tricarboxylic acid cycle. Malic acid is mainly used as an acidulant 

(holds about 10% of this market) and taste enhancer in beverages, candy and food. Other 

uses of malic acid in non-food applications include cosmetics, pharmaceuticals, medicine, 

metal cleaning, paints and production of plastics. The annual production of malic acid is 

estimated to approximately 200,000 t per year (Koutinas et al., 2014). It is commercially 

derived either by chemical synthesis or by enzymatic process. 

 

2.2.3.4 Fumaric acid (FA) 

Fumaric acid is a dicarboxylic acid that was included in the original list of the 12 most 

promising building blocks derived from biomass published by Werpy and Petersen. It was 

removed from the revised list due to limited research innovation on its production via  

fermentation. In 2007, the worldwide production capacity was in the range of 90 000 t per 

year based on isomerization of maleic acid derived originally from n-butene (Engel et al., 

2008) The main current applications of fumaric acid include the food industry as acidulant 

and the chemical industry with major applications in resins and plasticizers production 

among other products. In the 1940s, fumaric acid was produced on an industrial scale via 

fermentation in the USA.91 Fermentative production was replaced by petrochemical 

synthesis due to high production costs resulting from relatively low fumaric acid 

concentration (less than 70 g L-1) and productivity (less than 1 g L-1 h-1) achieved via 

fungal fermentation. 

 

2.2.3.5 1-Butanol and Isobutanol (nB) 

1-butanol and isobutanol are both alcohols with 4 atoms of carbon and they are used either 

in paint industry or as an additive to fuels. n-Butanol (nB) is also used as a solvent and as a 

feedstock for syntheses. About half of the production of nB and its derivates (primarily 

esters) are used as solvents in the coatings industry (nB prevents blushing of certain 

coatings when they dry under humid conditions (BASF, 2015). The derives of 1-Butanol 

have application in the production of latex, while isobutanol derives are used in pasticizer 

agents (Lee et al., 2012).  Bio-butanol currently supplies 20% of the total butanol market 

which is estimated to 3000 kty
−1

. 

Figure 2.8 Metabolic pathways that produce succinate, fumarate, malate, and aspartate from glucose 

(Lee et al., 2012). 
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2.2.3.6 1,4-2,3 -Butanediol (BDO) 

 

2,3-Butanediol (2,3-BDO), is a four-carbon diol synthesized from mixed acid and alcoholic 

fermentation (Kim et al. 2013). It is also known as 2,3 butylene glycol and can be 

converted to 1,3-butadiene, which is used as a basic chemical for the production of 

synthetic rubbers, polyesters and polyurethanes (1,3-butadiene production via biomass 

conversion was carried out during World War II). BDO can also be dehydrogenated to form 

the high added-value compounds acetoin and diacetyl. Acetoin is used as an aroma carrier 

in flavours and essence, while diacetyl is important for the organoleptic quality of dairy 

products. 2,3-Butanediol (BDO) is an odourless, colourless and transparent liquid at normal 

temperature with a chemical formula of C4H10O2 and three stereo-isomer forms: dextro- [L-

(+)-] and levo- [D-(–)-] forms that are optically active, as well as an optically inactive 

meso-form. 

 

2.2.4 PRODUCTION OF C5 CHEMICALS 

This section is focused on C5 bio-based production of platform chemicals including 

itaconic acid (dicarboxylic acid) and xylitol (polyol).  

 

2.2.4.1 Itaconic acid (IA) 

Itaconic acid or 2-methylidenebutanedioic acid is a naturally occurring compound, non-

toxic, and readily biodegradable is used as a building block for acrylic plastics, acrylate 

latexes, super absorbents, and anti-scaling agents. Its form is a white crystalline powder. 

During the last years, itaconic acid has gained increasing interest as a future bio-based 

platform chemical. Although, there are many applications of itaconic acid, its high 

production cost is an obstacle which prevents its wide use (Klement and Buchs, 2013).  

 

 

 

Figure 2.9 Metabolic pathways that produce 1,4- and 2,3-butanediol (Lee et al., 2012) 
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2.2.4.2 Xylitol 

Xylitol is a polyol and a five-carbon sugar alcohol with wide range of uses in the food and 

pharmaceutical industry due to its tooth-friendly nature, as a sugar substitute for insulin-

independent patients suffering of diabetes and as a food sweetener (Koutinas et al., 2014). In 

1970s, xylitol was firstly produced in Finland from birch trees by chemical methods. Its use 

as a sugar substitute and its sweetening properties similar to sucrose, led to an increase to 

global interest. The annual global production of xylitol is expanding and estimated 

currently up to 60 kt. The increasing xylitol market is estimated to be $340 million per year 

(Prakasham et al., 2009).  

 

2.2.5 PRODUCTION OF C6 CHEMICALS 

This segment is focused on bio-based production of C6 platform chemicals which involves 

Adipic acid and Glucaric acid (dicarboxylic acids). 

 

2.2.5.1 Adipic acid  

Adipic acid is a six-carbon dicarboxylic acid and its derivative, e-caprolactam, are mainly 

used as building blocks for polyamides (e.g., Nylon-6,6 and Nylon-6, respectively). The 

global annual production of adipic acid and e-caprolactam are 2.2 and 4 million metric tons, 

respectively (Lee et al., 2011). In industry, adipic acid is produced from oxidation of a 

cyclohexanone and cyclohexanol (ketone-alcohol oil) mixture, while e-caprolactam is 

manufactured by cyclization of e-aminocaproic acid. The bio-based production of adipic 

acid, particularly from renewable resources, would be an attractive alternative that would 

address environmental concerns regarding the harsh chemicals used in the chemical 

production route. 
 

2.2.5.2 Glucaric acid (GA) 

Another C6 dicarboxylic acid, glucaric acid, is naturally found in fruits, vegetables, and 

mammals, and has been investigated for therapeutic applications in cholesterol and cancer-

related diseases (Moon et al., 2009). Glucaric acid is currently produced by oxidation of 

glucose, using nitric acid as a catalyst (Moon et al., 2009). The bio-based production of 

glucaric acid is occurred by the mammalian glucuronic acid pathway.  

 

2.2.6 PRODUCTION OF BIO-POLYMERS 

The definition biopolymer or natural polymer describes those macromolecules that can be 

produced in nature through polymerization reactions catalyzed by enzymes. They can be 

classified in three groups: (A) polymers extracted from natural resources, (B) polymers 

produced via chemical synthesis using monomers or intermediate molecules derived from 

Figure 2.10 Metabolic pathways that produce itaconic acid (Lee et al. 2012) 
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biomass or produced via fermentation, and (C) polymers composed by microorganisms 

(Koutinas et al. 2014). 

 

2.2.6.1 PHA/PHB 

PHA is a group of biopolymers. It belongs to the family of bio-polyesters, that can be 

accumulated intracellularly in the cytoplasm of the microorganisms. This family of bio-

polyesters can be divided, depending on the number of the carbons, into (a) short-chain 

polymer (3-5 carbon atoms), (b) medium-chain polymer (6-14 carbon atoms) and long-

chain polymer (>14 carbon atoms). Carbon source and other nutrients are necessary for the 

microbial growth and the activation of the PHA production. Nowadays, pure carbon 

sources for the production of PHA/PHB biopolymers have been replaced by renewable 

sources of carbon and wastes from industrial sectors. The feasibility of this substitution is 

due to the wide variety of carbon sources that can be used combined with genetically 

engineered microorganisms (Koutinas et al., 2014). However, the current bio-production 

cost of PHA leads to a restriction of their industrial application (Cavalheiro et al., 2009). 

The elaboration of PHA can lead to a wide diversity of final industrial products including 

fibers, elastics, synthetic paper products and foams. 

 

2.2.6.2 Bacterial cellulose 

Cellulose from plants, is the biopolymer with the largest produced quantity in the 

environment. It can be used in a great variety of applications, but the pure production faces 

some obstacles because of the presence of lignin, hemicelluloses and other molecules.  

Bacterial cellulose has the same chemical formula as the plant one, but it has different 

physical and chemical properties.  

It can be used in pharmaceutical and medical applications, especially in the area of 

wound healing (Koutinas et al., 2014). Concerning the food industry, it is used as an 

additive to low calories food stuff. Other industrial applications of the bacterial cellulose 

are the production of headphones and loudspeakers membranes and are also proper an 

amplifying mean for paper and glass or carbon made fibers.  

Figure 2.11 Classification of common PHA based on the number of carbon atoms in their molecular 

formula (Koutinas et al., 2014) 
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 2.2.7 PRODUCTION OF SINGLE CELL OIL (SCO) 

Single cell oils, also known as microbial oils, are considered as an alternative, renewable 

source of lipids, for the renewable fuel production industry (Viera et al, 2014). It has also 

applications in other commercial products, such as nutraceuticals, pharmaceuticals and feed 

ingredients for aquaculture. Although its big adjustment, the obstacle of the high 

production cost makes this platform chemical non-widely commercialized (Peng and Chen, 

2008). Nowadays SCO can be a substitute to natural oils and fats or as a raw material for 

chemical production. The production of SCO can take place by microalgae yeast, fungi and 

bacteria  

 

2.3 DESCRIPTION OF THE MATHEMATICAL MODEL 

 

2.3.1 MIXED-INTEGER NON-LINEAR PROGRAMMING METHOD 

Nowadays, process engineers are facing complex problems that require optimal solutions in 

real time. Modeling and optimization are the main tools used in order to describe these 

problems and many numerical methods have been developed in order to achieve feasible 

solutions, such as Mixed Integer non-Linear Programming method. This method involves a 

nonlinear objective function and and/or nonlinear constrains. Also MINLP is devided in 

two subcategories, convex and nonconvex MINLP. Convex MINLP describes minimizing a 

convex objective function over a convex feasible region. According to Trespalacios and 

Grossman many process system engineering applications have been modeled by MINLP 

method, such as molecular computing, planning and scheduling, process synthesis and 

process control. 

 

The general form of an MINLP model is presented below: 

min z = f(x,y) 

s.t. 

g (x, y) ≤ 0 

x  X 

y  Y 

where f and g are twice differentiable functions, x are the continuous variables and y the 

discrete ones, X is assumed to be a convex compact set and a set of integer points is 

represented by the set Y. In practical applications the integer variables are restricted to 0-1 

values.  

There are also three non-linear subproblems that are derived from MINLP problems: 

(i) the continuous relaxation of (MINLP), (ii) the NLP subproblem for a fixed y
p
 and the 

(iii) feasibility problem. 

  

The continuous relaxation of MINLP (r-MINLP) 

 

min z = f (x, y) 

s.t. g (x, y) ≤ 0 
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x  X 

y  YR 

where YR is the continuous relaxation of Y and integer variables y are treated as continuous 

 

The NLP subproblem for a fixed y
p 

(fx-MINLP) 

 

min z = f (x, y
p
) 

s.t. g (x, y
p
) ≤ 0 

x  R
n 

It is important to note that (fx-MINLP) provides an upper bound for (MINLP) when it has a 

feasible solution, while (r-MINLP) provides a lower bound.  

 

The feasibility problem 

min u 

s.t. 

gj (x, y
p
) ≤ u    j   J 

x   X 

u   R 

where J is the index set for inequalities. (feas-MINLP) seeks to minimize the infeasibility 

of the most violated constraint. Another formulation of MINLP is the Generalized 

Disjunctive Programming. GDP models are typically reformulated as MINLP problems to 

exploit the developments in these solvers. 

 

Convex MINLP 

Convex MINLP is a special case of MINLP in which r-MINLP is convex provided that f 

and g are convex functions. The convexity of a nonlinear function can be exploited, in 

order to generate a linear approximation of the problem for a given set of points. 

 

min a 

 

             s.t. f(x
p
, y

p
) +   f(x

p
, y

p
)
    

p

p

x x

y y

 
 
 

      
≤ a                     p=1,…,P 

 

           s.t. gj(x
p
, y

p
) + gj(x

p
, y

p
)
 T 

p

p

x x

y y

 
 
 

   ≤    0 j   J 
p
 ;  p=1,…,P 

x X

y Y




 

 

2.3.2 BASIC ELEMENTS OF THE PROPOSED MATHEMATICAL 

FORMULATION 

The system considered in this study is presented in Figure 2.12. It is assumed that r=1, 

2,…,nr raw materials are available for potential valorization at a maximum amount if Fr (in 

ty
−1

). t=1, 2, …, nt fermentation technologies are available each one producing at least one 
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major bioproduct among the p=1, 2, …, np products selected. The data necessary in order to 

evaluate a biotransformation technology are the following  

 Yr,t,p is the yield coefficient that denotes the amount of product p produced when 

raw material r is used in technology t (in t of product per t of raw material)  

 Ct,p is the final concentration (titer) of product p in the fermentation broth when 

technology t is used (in tm
−3

)  

 τft, is the fermentation time necessary to achieve the final concentration Ct,p in 

technology t (in h)  

Yield, titer and volumetric productivity, defined as the ratio of titer over fermentation 

time and expressed in gL
−1

h
−1

, are the key performance metrics of microbial 

bioconversions used when the potential of commercialization is assessed (Lee et al., 2014), 

(Koutinas et al., 2014). The raw materials cost contribution to the cost of manufacture 

(COM) is inversely analogous to yield coefficient. Titer has a strong correlation with 

downstream separation and product recovery costs and a minimum titer of 50 gL
−1

 is 

usually considered. Volumetric productivity determines together with titer the number and 

the size(s) of the fermentors necessary to meet the production demand. As the fixed capital 

investment (FCI) of the upstream section is dominated by the purchase cost of fermentors a 

minimum productivity of 13 gL
−1

h
−1

, is usually proposed. 

The variable fr,t is defined as the amount of raw material r that is fed to technology t and 

ft,p is defined as the amount of product p produced by technology t. These flows of material 

are subjected to the following linear constraints  

 
 

Material balances in waste stream nodes 

 

 r
t

tr Ff ,        (2.1) 

 

Material balance in production technology nodes 

 

  
r

trptrpt fYf ,,,,          (2.2) 

 

Material balance in product nodes 
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t 
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technology 

 

Potential  
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Figure 2.12 Simplified representation of the superstructure used in the mathematical model 
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t

ptp fF ,                                                                (2.3) 

 

where Fp is the total amount of product p produced (in ty
−1

).  

Inequality (2.1) restricts the maximum amount of raw material r that can be fed to the 

bioconversion technologies. Note that since (2.1) is an inequality constraint then any 

fraction of Fr can be utilised. Equality (2.2) related the products and the raw materials 

through the definition of the yield coefficients. Equality (2.3) is simply the calculation of 

the overall amount of product p produced given the contributions of the individual 

technologies ft,p. At this point we may exclude all combinations (r,t,p) for which the ratio of 

the selling price of product p (cp in $t
1

) times the corresponding yield coefficient over the 

price of raw material r (cr in $t
1

) is less than one (as this combination cannot result in 

profitable operation). Actually, the difference the revenues from selling a product and the 

cost of the raw material consumed  

 

 
trr

p r

p

ptrrtr
p
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YcfcfEP ,,,,,, 1










   (2.4) 

 

which is called economic potential (EP in $y
−1

), is a metric commonly used to 

disregard unfavourable technological solutions at an early stage of conceptual evaluation 

methodologies (Ulrich, 1984).  The economic potential as defined in (2.4) is only a crude 

approximation of the exact economic potential (Turton et al., 2003),(Ulrich, 1984.). 

 

   











t
t

r
rtr

p
ppt COMcfcfEP ,,   (2.5) 

 

where COM is the cost of manufacture (expressed in $y
−1

) and accounts for all annualised 

(fixed or variable) costs associated with the production of a chemical (Perry's, 2008), 

(Peters et al., 2003), (Turton et al., 2003). Chemical engineers usually determine the COM 

using the following linear model (Turton et al., 2003).  

 

  ttttt CUTCRMCOLFCICOM    (2.6) 

 

where  FCI is the fixed capital investment (in $),  

 COL is the cost of operating labor (in $y
−1

),  

 CRM is the cost of all additional raw materials such as nutrient and supplements, 

 CUT is the cost of utilities (in $y
−1

), and   

α (=0.18 y
−1

), β (=2.73) and γ (=1.23) are constants.   

The mathematical formulation given by Equations (2.1), (2.2), (2.3) and (2.4) or (2.5) 

has been used extensively in the literature by decomposing the COM using a fixed part and 

a variable part (that depends on the annual productivity). Then numerical values are 

assigned to the fixed and variable part of the COM, usually different for each technology, 

and the resulting formulation is used for technology selection. However, determining such a 

model for COM necessitates the complete and exhaustive evaluation of all alternative 
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technologies which is a formidable task. In addition, the results obtained by using such 

formulations can be in very large error, a fact that puts their usefulness into question.   

In what follows we present a novel technique for estimating the COM with reasonable 

accuracy without the need to evaluate exhaustively all potential alternatives. 

 

2.3.3 FCI APPROXIMATION  

In the last decade we have performed a large number of detailed engineering studies for the 

synthesis and preliminary economic evaluation of microbial bioconversions. Based on these 

studies (as well as on similar studies available in the literature) considerable time and effort 

has been expended by our group in developing correlations between the resulting FCI and 

the performance metrics summarised above as independent variables, with little success. 

Other independent parameters were then tested and finally discovered that when FCI is 

scaled with respect to the total installed fermentation volume VF (FCIV=FCI/VF) then it 

exhibits linear correlation with respect to the logarithm of VF, i.e. (Koutinas et al., 2014) 

 tF
tF

t
tV VBA

V

FCI
FCI ,1011

,
, log  (2.7) 

 

The raw data used to develop the correlation as well as the numerical value of the two 

constants A1 and B1 are presented in Figure 2.13.  

From Equation (2.7) it becomes evident that in order to determine the FCI for any 

technology we need first to calculate the total installed volume of the fermentors used. This 

necessitates the detailed design of each technology and chosen productivity. To this end we 

observe that for a given titer and production rate we can calculate the necessary total 

fermentation broth volume Vb,t for technology t having p as the main (or only) product from 

the following linear equation  

 

 ptpttb fCV ,,,   (2.8) 

 

Note that Vb,t is the total broth volume delivered at an annual basis (in m
3
y

−1
). This volume 

is delivered for every technology t by Nb,t number of batches per year achieved by 

employing a nonnegative integer number Nf,t of identical fermentors, each one having an 

active volume Vf,t, i.e.  

 

 tbtftb VVN ,,,   (2.9) 

 

Nf,t is determined through the following linear inequality constraint  
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                               0,,  tfyttb NtfN                                                     (2.10) 

where ty is the operating hours per year. θ τft is the turnaround time and in addition to 

fermentation time it includes the time necessary for preparation, loading and uploading of 

the fermentor and θ is a constant larger than one (assumed θ=1.2). Each fermentor delivers 

(Nb,t/Nf,t) batches and each batch has turnaround time θ τft requiring in total (Nb,t/Nf,t)θ τft 

hours per year to complete its task (which must be less than ty resulting in Equation (2.10)). 

Having calculated the number of fermentors and the broth volume of each one we can then 

calculate the total installed fermentor volume VF,t, i.e.  

 


tf
tftF

V
NV ,

,,       (2.11) 

where λ is the ratio of the active to total fermentor volume (assumed λ=0.8).  

 

 

2.3.4 COM APPROXIMATION 

Having developed an approximation for FCI we also need to approximate COL, CRM and 

CUT in order to be able to calculate COM through Equation (2.6). COL can be calculated 

with reasonable accuracy using an equation proposed in (Perry’s, 2008) 

 

 
234.0

2

,
2 










B

f
ACOL

pt
t

       (2.12) 

 

Figure 2.13 Linear approximation of Fixed Capital Investment as a function of fermentor installed capacity. 
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where A2 and B2 are constants. Nutrients and supplements cost calculation for technology t 

can be determined accurately using the following equation  

 

 tbtt VUCRMCRM ,       (2.13) 

 

where UCRMt is the cost of nutrients and supplement per unit volume of the fermentor 

broth (in $m
−3

) calculated by multiplying the unit price of nutrients and supplement by the 

amount used per unit volume of the fermentation broth. Finally, the cost of electricity and 

steam used in the fermentation section can be calculated accurately using the following 

equation (Doran, 2013) 

 

                   tbstrls
t

taereltagiteltfelt Vpc
vvm

vvm
pptcCUT ,

0
,,,,,




















       (2.14) 

 

where cel is the is the cost of electricity (in $kWh
−1

), cs is the cost of steam (in $t
−1

), pel,agit,t 

is the power consumption for agitation of fermentation broth (in kWhm
−3

), pel,aer,t is the 

power consumption for aeration of fermentation broth when an aeration rate vvm0 is used 

(in kWhm
−3

), vvmt is the aeration rate used during the fermentation (in vvm) and pstrl is the 

steam consumption for sterilization of the fermentation broth (in tm
−3

).  

The complete proposed mathematical formulation for the selection of microbial 

biotransformation technology to valorize the available waste and byproduct streams 

consists of Equations. (2.11)-(2.14) (excluding the approximate Equation (2.4)) and the 

following bound constraints where the binary variables Δt are introduced to denote adoption 

(Δt=1) or rejection (Δt=0) of the corresponding technology  
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  1,0,,  tkt
   (2.22) 

 

Equations (2.15) and (2.16) set upper bounds of fr,t and ft,p and force them to become 

zero when technology t is not selected. Equation (2.17) restrict fermentor volume to lie in 

the range 70 m
3
 to 800 m

3 
(Doran, 2013), (Hong et al., 2009) while Equation (2.18) restricts 

total installed fermentation volume to ensure validity of the approximation given by 

Equation (2.7). Equation (2.19) limits the maximum number of fermentors used in each 

technology to 20 and Equation (2.20) limits the maximum number of technologies selected. 

Equation (2.21) expresses the integer variable Nf,t as a function of six integer variables Λt,k. 

The overall formulation is a mixed integer nonlinear programming problem (MINLP) as it 

involves binary variables and nonlinear constraints (Equations (2.7), (2.9), (2.11) and (2.12) 

are nonlinear) (Grossman and Santibanez, 2009), (Sahinidis et al., 1989),(Sahinidis, 1996). 

Further details and comments on the proposed formulation are presented in the case study 

that follows. 

 

2.4. CASE STUDY 

2.4.1 RAW MATERIALS AND POTENTIAL PRODUCTS 

The case study considered is summarised in Figure 2.14 and Table 2.2. More specifically 

we consider that 200 kty
−1

 of molasses, 100 kty
−1

 of sucrose and 50 kty
−1

 of glycerol are 

available in an organization that are currently sold at a price of 200, 400 and 200 $t
−1

, 

correspondingly.  

 

 
 

Figure 2.14 Alternative technologies considered in the case study 
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Cane molasses, a byproduct of the sugar industry, contains reduced polymeric sugars 

that can further react to form fermentable sugar during enzymatic hydrolysis. Usually cane 

molasses has a water content of 15–25%, a sugar content (sucrose, glucose, fructose) of 

approximately 50% and smaller amounts of polysaccharides such as dextrin and pentosans. 

65 Mty
−1

 of molasses are available globally, 50 % of which is used for biofuels production 

and 25 % as animal feed (OECD, 2015). Sucrose is contained in significant amounts 

(5060 % w/w) in sugarcane juice after concentration through evaporation usually obtained 

by sugarcane mills. Excess production of sucrose (current sugar productions is in excess of 

180 Mty
−1

 consumed mainly as food) may result in sudden decrease in price and 

alternative valorization may be worth to explore. Biodiesel production has almost grown 

exponentially in the last 1015 years resulting in large amounts of produced glycerol and a 

collapse in its price (from around 1.5 $kg
−1

 in 2000 to less than 0.4 $kg
−1

 in 2011 (Quispe 

et al. 2013). 

Eleven potential products are considered. n-Butanol  (nB) is used as a solvent and as a 

feedstock for syntheses. About half of the production of nB and its derivates (primarily 

esters) are used as solvents in the coatings industry (nB prevents blushing of certain 

coatings when they dry under humid conditions) (BASF, 2015). Bio-butanol currently 

supplies 20% of the total butanol market which is estimated to 3000 kty
−1

.  

Succinic acid (SA) is a precursor to some specialized polyesters. It is also a component 

of some alkyd resins. Succinic acid is used in the food and beverage industry as acidity 

regulator or food additive and dietary supplement and as an excipient in pharmaceutical 

products (Zeikus et al., 1999). 50% of the current market is produced biotechnologically 

from companies like BioAmber, Reverdia, Myriant, BASF and Purac. According to 

conservative estimates production of bio-succinic acid will reach 250 kty
−1

 by 2020.  

Biotechnological production of lactic acid (LA) is superior to chemical synthesis 

regarding product specificity, usage of low cost substrates and lower consumption of 

energy. Due to its versatile applications in the traditional food, pharmaceutical, textile, 

leather and chemical industries sector, together with the recently developed 

commercialization of lactic acid derived biopolymers (PLA), lactic acid annual production 

has increased to around 470 kty
−1

. Corbion Pular is the largest producer of LA. A 

significant increase of 80% is expected in the global demand for LA in near future.  

2,3-Butenadiol (BDO) can be converted to 1,3-butadiene, which is used as a basic 

chemical for the production of synthetic rubbers, polyesters and polyurethanes (1,3-

butadiene production via biomass conversion was carried out during World War II). BDO 

can also be dehydrogenated to form the high added-value compounds acetoin and diacetyl. 

Acetoin is used as an aroma carrier in flavors and essence, while diacetyl is important for 

the organoleptic quality of dairy products.  

Propionic acid (PS) is used, among others, as preservative, anti-mold agent, flavoring 

agent, herbicide and dye intermediate, as textile and rubber auxiliary and in cosmetics 

(BASF, 2015). Global propionic acid market could reach a market value worth US$ 1,540.5 

million by 2019, observing growth at a rate of 7.7% from 2013 to 2019. Volume-wise, the 

market observed demands worth 381.7 kt in 2012 and is expected to grow at a rate of 2.3% 

during the forecast period (Transparency Market Research, 2015).  

PHA/PHB is a family of biopolyesters accumulated intracellularly as inclusions by 

some microorganisms for carbon and energy reserve purposes when excess carbon supply 

is available but some nutrient is limited. It is estimated that in 2014 the production capacity 
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for PHAs was 54 kt. Initial manufacturers of various PHAs on a small scale include 

Biomer, Mitsubishi Gas Chemical Company, PHB Industrial Brazil S.A., Tianan Biologic 

Material Co., Ltd., and Kaneka Corporation. The US biotech company Metabolix bought 

all the rights to ICI materials patents from Monsanto and started a production plant of 50 

kty
−1

 year in Clinton, Iowa, USA in 2010 (Endres and Siebert-Raths, 2011). A number of 

companies in the Brazilian bioethanol industry (besides PHB Industrial SA) are interested 

in expanding their product range. 
1,3-Propanediol (PDO) cab be used in many chemical reactions, especially poly-

condensations, resulting in the synthesis of poly-esters, poly-ethers and poly-urethanes. 

PDO-derived plastics, besides their biodegradability, exhibit better product properties and 

higher light stability than those produced from 1,2-propanediol, 2,3-butanediol or ethylene 

glycol (DuPont/Tate and Lyle, 2015). Metabolic Explorer Inc. was among to report high 

productivities of metabolically modified micro-organisms followed by DuPont and 

Genecor International Inc. also reported. DuPont Tate and Lyle BioProducts have 

commercialized several bio-based 1,3-PDOs, including Zemea and Susterra propanediol 

(DuPont/Tate and Lyle, 2015) and the American Chemical Society awarded the Bio-PDO 

research teams at DuPont, Tate & Lyle, and Genencor International the "2007 Heroes of 

Chemistry"award.  

 
Table 2.2. Data for the alternative technologies considered in the case study. 

t Microorganism Type Substrate      

(r) 

Main Product (p) tf 

(h) 

Cp 

(kgm3) 

Yr,t,p 

(kgkg1) 

vvm 

 

1 Clostridium beijerinckii 

L175 

Batch/anaerobic Molasses n-butanol (nB) 84 15.1 0.250 0 

2 Clostridium acetobutylicum 

JB200 

Batch/anaerobic Sucrose n-butanol (nB) 72 14.9 0.213 0 

3 Actinobacillus succinogenes Fed-batch /CO2 Molasses Succinic ac. (SA) 48 55.2 0.800 0 

4 Enterococcus faecalis RKY1 Batch/anaerobic Molasses Lactic-acid (LA) 24 95.7 0.938 0 

5 Klebsiella pneumoniae Fed-batch/aerobic Glycerol 2,3-butanediol (BDO) 96 54.7 0.350 2.2 

6 Serratia marcescens H30 Fed-batch/aerobic Sucrose 2,3-butanediol (BDO) 42 139.8 0.414 0.5 

7 Enterobacter aerogenes Fed-batch/aerobic Molasses 2,3-butanediol (BDO) 36 98.6 0.366 1.5 

8 Propionibacterium 

acidipropionici 

Fed-Batch/anaerobic Glycerol Propionic acid  (PA) 220 44.6 0.127 0 

9 Recombinant Escherichia 

coli 

Fed-Batch/aerobic Molasses PHB 32 32.0 0.310 1.5 

10 Cupriavidus necator Fed-Batch/aerobic Glycerol PHB 34 51.2 0.340 2.0 

11 Alcaligenes eutrophus Fed-Batch/aerobic Sucrose PHB 18 71.4 0.170 1.875 

12 Actinobacillus succinogenes 

NJ113 

Fed-Batch/CO2 Sucrose Succinic ac. (SA) 28 60.4 0.832 0 

13 Actinobacillus succinogenes Batch/CO2 Glycerol Succinic ac. (SA) 108 29.3 0.800 0 

14 Clostridium butyricum Fed-Batch/anaerobic Glycerol Propanediol (PDO) 100 70.8 0.550 0 

15 Recombinant Escherichia 

coli 

Fed-Batch/aerobic Glycerol 3-HP 32 42.1 0.268 0 

16 Rhodosporidium toruloides Fed-Batch/anaerobic Glycerol Single Cell Oil (SCO) 120 13.0 0.190 0 

17 Clostridium tyrobutyricum Fed-Batch/anaerobic Molasses Butyric acid (BA) 90 55.2 0.460 0 

18 Zymomonas mobilis Batch/anaerobic Molasses Ethanol (EtOH) 48 55.8 0.340 0 

19 Escherichia coli Fed-Batch/anaerobic Glycerol Lactic-acid (LA) 88 85.8 0.880 0 

20 Escherichia coli Fed-Batch/anaerobic Sucrose Lactic-acid (LA) 84 85.0 0.350 0 

21 Propionibacterium 

freudenreichii 

Batch/anaerobic Glycerol Propionic acid (PA) 200 13.5 0.640 0 

22 Propionibacterium 

freudenreichii 

PFB/Fed-batch Molasses Propionic acid (PA) 302 79.6 0.260 0 

23 Clostridium acetobutyricum 

DG1 

Batch/Anaerobic Glycerol Propanediol (PDO) 49 83.9 0.650 0 

24 Clostridium tetanomorphum 

4474 

Feb-Batch/Anaerobic Glycerol n-butanol (nB) 72 11.5 0.150 0 

25 Clostridium butyricum Feb-Batch/Anaerobic Sucrose Butyric acid 95 20.0 0.300 0 



3-Hydroxypropionic acid (3HP) is the third most important chemical in the 2004 list of 

the U.S. Department of Energy’s top twelve value added chemicals from biomass (Werpy 

et al, 2004). 3-HP cab be used as crosslinking agent for polymer coatings, metal lubricants, 

antistatic agents for textiles and precursor for manufacturing, among others, of PDO, 

acrylic acid and methyl acrylate. In addition, 3-HP is a versatile agent used in the 

production of biodegradable polyesters such as poly(3-hydroxypropionate). One of the 

main target product of 3-HP (acrylic acid) has a 4,500 kty
−1

 worldwide market at the end 

of 2011 (ICIS, 2015).  

Single cell oil (SCO) is mainly composed of neutral fractions, principally triglycerides 

and to a lesser extent steryl-esters. The fatty acid composition of SCO depends on the 

oleaginous microorganism and the cultivation conditions used while their conventional uses 

of SCO include biodiesel production, medical and dietetical uses and cocoa-butter 

substitutes (provided that the fatty acid composition is similar to the one of cocoa-butter) 

(Koutinas et al. 2014). Their selling price is comparable to the vegetable oil prices (since it 

depends strongly on them). Their market volume can be estimated based on recent 

estimates on algae lipid production and sales volumes. Butyric acid (BA) is a aliphatic fatty 

acid that is used in the food, perfume, and polymer industries. It is used for the production 

of textile fibers, photographic films and eyeglass frames. In 2008, petrochemical production 

of butyric acid, based on oxidation of butyraldehyde, was approximately 500 kt. Ethanol 

(EtOH) is biologically produced from corn starch (USA) and sugarcane sucrose (Brazil) on 

large scales and production exceeds 75,000 kty
−1

. It can be utilised as an alternative to 

fossil fuels but is also an important platform chemical that can be transformed to ethylene 

and ethylene glycol used in the production of polyethylene and poly(ethylene 

terephthalate). 

 
 

Table 2.3 Summarises data relevant to the potential products considered. 

 Biochemical CAS MW Chemical 

Formula 

Abbr. Global 

market 

(kty
−1

) 

Bio-

based 

(%) 

Estimated 

price  

($t
−1

) 

Ref 

1 n-Butanol 71-36-3 74.12 C4H10O nB 3000 20 1890 15,27,35 

2 Succinic acid 110-15-6 118.09 C4H6O4 SA 76 49  2940 15,37,26,54 

3 Lactic acid 50-21-5 90.08 C3H6O3 LA 470 100 1450 15,56,22,55 

4 2,3-Butanediol 107-88-0 90.12 C4H10O2 BDO 2500 0 3000 15,29,45,60 

5 Propionic acid  79-09-4 74.12 C3H6O2 PA 350*1 - 1250 15,61 

6 PHB - - - PHB 17 100 6500 3,15,38,58 

7 Propanediol 504-63-2 76.10 C3H8O2 PDO 128 100 1760 5,15,41 

8 3-HPA 503-66-2 90.08 C3H6O3 3HP - - 1100 15,30 

9 Single cell oil - - - SCO 122 100 2000 15,32 

10 Butyric acid 107-92-6 88.11 C4H8O2 BA 500 -  15,28,62 

11 Ethanol 64-17-5 46.07 C2H6O EtOH 76700 95% 815 4,15, 

 
 

2.4.2 POTENTIAL MICROBIAL BIOTRANSFORMATION TECHNOLOGIES  

Following the selection of potential products an extensive search was performed to locate 

technologies that can be used to transform the by-products/waste streams to high added-

value products. To this end 25 alternative technologies were selected for demonstration 
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purposes as shown in Figure 2.14 and Table 2.2. It is important to note that the main 

product of each technology is considered only as by-products are (in almost all cases) 

produced in significantly smaller quantities and revenues associated to them will balance 

the additional cost involved in their recovery. It is also important to note that there are cases 

where the same product can be produced from all available by-products streams.  

 

 

2.4.3 SOLUTIONS AND RESULTS 

The solution of the case study using the proposed formulation is achieved using the 

BARON solver available in GAMS (GAMS User's Guide, 2003), (Sahinidis, 1996). The 

formulation involves 1488 equations and 612 variables including 47 discrete variables. 

Solution is obtained in 385 s on an i5, 2.6 GHz, 8 GB memory computer. The results 

obtained are summarised in Figure 2.16 and Table 2.4. All available molasses and glycerol 

are utilised to produce 73.2 kty
−1

 BDO and 17 kty
−1

 PHB through technologies t7 and t10, 

correspondingly. 91.3 kt of the 100 kt available sucrose are utilised to produce 76 kty
−1

 of 

SA. The number and sizes of fermentors used as well as the several cost elements of each 

technology are presented in Table 2.4. The overall economic potential is 217 M$y
−1

 while 

the total fixed capital investment is 395 M$ 
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Figure 2.15. Simplified representation of the superstructure used in the mathematical model. 
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Figure 2.16 Optimal solution of the technology selection case study. 
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Table 2.4. Result obtained using the proposed mathematical formulation 

 t7 t10 t12 

Raw material Molasses Glycerol Sucrose 

Amount (kty
−1

) 200 50 91.3 

Cost (M$y
−1

) 40 10.0 36.5 

Main product BDO PHB SA 

Annual produc. (kt) 73.2 17 76 

Nf 9 18 11 

Nb (#y
−1

) 1734 3672 2725 

VR (m
3
) 428.2 90.4 461.8 

Vb (10
5
 m

3
y

−1
) 7.423 3.320 12.583 

FCI (M$) 144.165 84.023 166.904 

COL (M$y
−1

) 2.390 1.698 2.411 

CRM (M$y
−1

) 35.130 4.798 71.370 

CUT (M$y
−1

) 8.731 4.204 6.870 

COM (M$y
−1

) 86.4 30.8 132.9 

Revenues (M$y
−1

) 219.6 110.5 223.5 

EP (M$y
−1

) 93.2 69.7 54.1 

TOTAL EP  (M$y
−1

) 217 

 

2.4.4 DETAILED EVALUATION OF THE SOLUTION OBTAINED FROM THE 

PROPOSED FORMULATION  

In this section we perform detailed technoeconomic evaluation of the three technologies 

selected using well established methods (Couper et al., 2005), (Doran, 2013), (Humbird et 

al., 2011), (Perry’s, 2008), (Peters et al., 2003), (Turton et al., 2003). The aim is to validate 

the solution and to compare the results obtained through the detailed evaluation and the 

simplified model proposed above.  
 

2.4.4.1 Sucrose to succinic acid process 

The process for SA production using sucrose as raw material is divided in the upstream 

(fermentation) section and the downstream (product recovery and purification) section. The 

process flow diagram for the upstream section is presented in Figure 2.17. Raw material 

and supplements are mixed in the mixing tank V-101 and then are sterilised by passing 

through the feed effluent heat exchanger E-101, the heat exchanger E-102 and the holding 

tube E-103. After sterilization the raw material and supplement stream is fed to a system of 

11 fermentors that are operated in batch mode with a cycle time of 32.6 h which are 

continuously fed with CO2. The main fermentors are inoculated using a train of 4 seed 

fermentors that are operated with a cycle time of 9 h. Based on the information supplied in 

Tables 2.3 and 2.4 the detailed design and costing of the upstream section is performed and 

the results are summarised in Table 2.5.  

The design of the fermentor was based on the capacity and includes 11 fermenters in 

serial mode, 462 m
3
 each and active volume of 577 m

3
. Each fermenter was operated for 28 

h (tf), a preparation time (tpr) 1 h, load time (tl) 2h and unloading time (tul) 3 h. 
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Figure 2.17 Process Flow Diagram of the fermentation section for the sucrose to SA process.  

 

The downstream process for SA recovery and purification is shown in Figure 2.18 and 

is based on a recent publication which claims that direct crystallization may be an efficient 

and environmentally friendly methodology for SA recovery (Wang et al., 2010). This is a 

simplified flowsheet when compared to more complex processes that involve steps for salts 

and protein rejection
6
. The summary of the cost calculations for the downstream process is 

given in Table 2.6. 

The fermentation takes place at a temperature of 37 ° C and pH 6.8, and requires 

continuous stirring to 200 rpm speed and ventilation 0.25 vvm, (Yup Lee et al., 1999). Also 

reported that using CO2 balance of succinic acid increased by 84% (no CO2) in 88%. The 

supply of CO2 in this study was chosen 0.05 vvm. 

 

 

 
 Figure 2.18 Potential downstream Process Flow Diagram of the sucrose to SA process 
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Table 2.5 Summary of cost estimation for AREA 100 – upstream area for SA production from sucrose.  

UNIT Characteristic size Units 
Materials of 

construction 
CEPCI0 

Cp0 

(M$) 
# Reference CEPCI 

Cp 

(M$@2014) 

Electricity 

(kWh/y) 

LPS 

(t/y) 
V-101 256.80 m

3 
316SS 521.9 0.157 1 NREL 576.1 0.173 

  A-100 27.40 hp 316SS 521.9 0.020 1 

 

576.1 0.022 189,002 

 F-101 0.18 m
3
 304SS 521.9 0.032 1 

 

576.1 0.035 

  F-102 1.80 m
3
 304SS 521.9 0.040 1 

 

576.1 0.044 

  F-103 17.33 m
3
 304SS 521.9 0.065 1 

 

576.1 0.071 

  F-104 173.25 m
3
 SS316 521.9 0.271 1 

 

576.1 0.299 

  F-105-116 577.00 m
3
 SS316 521.9 0.629 11 

 

576.1 7.637 

  A-101 0.20 hp SS316 521.9 0.001 1 

 

576.1 0.001 1,249 

 A-102 1.90 hp SS304 521.9 0.009 1 

 

576.1 0.010 12,585 

 A-103 18.60 hp SS304 521.9 0.036 1 

 

576.1 0.040 125,849 

 A-104 186.00 hp 316SS 521.9 0.242 1 

 

576.1 0.267 1,258,488 

 A-105-116 619.60 hp 316SS 521.9 0.498 11 

 

576.1 6.041 39,152,960 

 E-101 890.00 m
2
 304SS 390.4 0.180 3 PTW 576.1 0.797 

  E-102 77.00 m
2
 304SS 390.4 0.031 1 

 

576.1 0.046 

 

25,180 

E-103 0.30 m 109.2 m m 304SS 390.4 0.130 1 

 

576.1 0.192 

   TOTAL: 15.676 40,740,133 25,180 

 
Table 2.6 Summary of cost estimation for AREA 200 – downstream area for the SA production from sucrose.  

UNIT 
Characteristic 

size 
Units 

Materials of 

construction 
CEPCI0 

Cp0 

(M$) 
# Reference CEPCI 

Cp 

(M$@2014) 

Electricity 

(kWh/y) 

LPS 

(t/y) 

MPS 

(t/y) 

CW 

(t/y) 

CF-201 148.30 m
3
·h

-1
 316SS 444.2 1.080 1 Perry's 576.1 1.401 1,551,470 

   
EV-201 93.84 m

2
 316SS 528 0.167 1 PTW 576.1 0.182 

 

713,028 

  
EV-202 837.60 m

2
 316SS 390.4 1.306 2 PTW 576.1 3.854 

    
HE-201 90.70 m

2
 316SS 390.4 0.018 1 PTW 576.1 0.027 

  

40,214 

 
HE-202 121.28 m

2
 316SS 390.4 0.023 1 PTW 576.1 0.034 

   

1,114,453 

CRY-201 20,625.00 kg·h
-1

 316SS 390.4 0.680 1 PTW 576.1 0.742 

    
K-201 6,000.00 ft

3 
·min

-1
 CS 521.9 0.147 2 NREL 576.1 0.325 53,785,006 

   
FBD-201 1.00 kg·s

-1
 316SS 390.4 0.737 3 PTW 576.1 3.263 

    

 

 

 

     TOTAL: 9.828 55,336,476 713,028 40,214 1,114,453 
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2.4.4.2 Glycerol to PHB process 

The upstream process for the PHB production from glycerol is similar to the upstream 

process for SA production from sucrose (see Figure 2.19). The only difference is that the 

glycerol to PHB process is an aerobic process and an air compressor is necessary. 18 

fermentors are used in the fermentation section. 

The downstream process is shown in Figure 2.20. The fermentor effluent is fed to a 

centrifugal separator (CF-401) and part of the broth is removed before it is fed to a mixing 

tank (T-401) together with surfactant and a NaOCl solution (0.5 kg of NaOCl per kg of cell 

mass)
8
. Following the process of hypochlorite digestion, a washing step using H2O2 is 

performed (T-402) before the recovered PHB is concentrated in a double evaporator (EV-

401, EV-402) operated under vacuum. The PHB is finally dried using a fluidized bed dryer 

(FBD-401). Tables 2.7 and 2.8 summarize the cost calculations for the glycerol to PHB 

process. 

 
Figure 2.19 Process Flow Diagram of the fermentation section for the glycerol to PHB process 

 
Figure 2.20 Potential downstream Process Flow Diagram of the glycerol to PHB process 
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Table 2.7 Summary of cost estimation for AREA 300 – upstream area for PHB production from glycerol.  

UNIT 

Characteristic 

size Units 

Materials of 

construction CEPCI0 Cp0 ($) # Reference CEPCI 

Cp 

(M$@2014) 

Electricity 

(kWh/y) LPS (t/y) 

F-301 0.06 m
3
 304SS 521,9 14,841 1 NREL 576,1 0.016 

  F-302 0.57 m
3
 304SS 521,9 17,855 1 

 

576,1 0.020 

  F-303 5.65 m
3
 304SS 521,9 29,456 1 

 

576,1 0.033 

  F-304 56.50 m
3
 SS316 521,9 123,659 1 

 

576,1 0.136 

  F-305-322 113.00 m
3
 SS316 521,9 200,885 18 

 

576,1 3,991 

  A-301 0.10 hp SS316 521,9 456 1 

 

576,1  370 

 A-302 0.80 hp SS304 521,9 5,478 1 

 

576,1 0.006 3,692 

 A-303 7.60 hp SS304 521,9 21,148 1 

 

576,1 0.023 36,913 

 A-304 75.70 hp 316SS 521,9 140,939 1 

 

576,1 0.156 369,133 

 A-305-316 121.30 hp 316SS 521,9 187,021 18 

 

576,1 3,716 12,543,807 

 C-301 196.00 kW CS 390,4 130,000 18 

 

576,1 3,452 24,461,240 

 E-301 522.90 m
2
 304SS 390,4 120,636 1 PTW 576,1 0.178 

  E-302 15.00 m
2
 304SS 390,4 7,740 1 

 

576,1 0.011 

 

6,645 

E-303 0.2048.0 m m 304SS 390,4 34,000 1 

 

576,1 0.050 

   TOTAL: 11,789 37,415,155 6,645 

 
Table 2.8 Summary of cost estimation for AREA 400 – downstream area for the PHB production from glycerol.  

UNIT 

Characteristic 

size Units 

Materials of 

construction CEPCI0 

Cp0 

(M$) # Reference CEPCI 

Cp 

(M$@2014) 

Electricity 

(kWh/y) MPS (t/y) 

CF-401 39.11 m
3
·h

-1
 316SS 444.2 0.340 1 Perry's 576.1 0.441 775,973 

 
CF-402 22.32 m

3
·h

-1
 316SS 444.2 0.245 1 Perry's 576.1 0.318 248,245 

 
V-402 24.65 m

3
 304SS 390.4 0.055 1 PTW 576.1 0.081 

  
V-403 12.88 m

3
 304SS 390.4 0.038 1 PTW 576.1 0.056 

  
EV-401 8.00 m

2
 304SS 390.4 0.070 1 PTW 576.1 0.077 

  
EV-402 6.14 m

2
 316SS 390.4 0.064 1 PTW 576.1 0.071 

  
HE-401 27.10 m

2
 316SS 390.4 0.008 1 PTW 576.1 0.012 

 

63,764 

K-401 6,500.00 SCFM CS 521.9 0.155 2 NREL 576.1 0.341 6,959,100 

 
FBD-401 0.41 kg·s

-1
 316SS 390.4 0.493 1 PTW 576.1 0.728 

  

 

 

 

     TOTAL: 2.124 7,983,320 63,764 
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2.4.4.3 Molasses to 2,3-butanediol process 

The upstream process for the production of BDO from sugarcane molasses is similar to 

the upstream process for SA production from sucrose apart from the fact that the BDO 

process is an aerobic process (Figure 2.21). 

 

 
 

 

Figure 2.21 Process Flow Diagram of the fermentation section for the molasses to 2,3-BDO process 

 

A potential downstream process flow diagram is presented in Figure 2.22. A rotary 

vacuum filter (F-601) is first used to remove biomass. An aldehyde (n-butyraldehyde: 

BA, C4H8O, MW: 72.106 kg/kmol) is used to transform BDO into an acetal which is 

immiscible with water (Hao et al., 2006), (Li et al., 2013). The reaction takes place in the 

presence of an acid catalyst at relatively low temperatures and BDO is transformed to 2-

propyl-4,5-dimethyl-1,3-dioxolane (PDD, C8H16O2, mw: 144.21 g/mol) in the reactors 

R-601/602. The reactor R-602 effluent stream is fed to a decanter where water is 

separated from the acetal. The water rich stream contains trace amounts of the acetal. 

The product stream contains the acetal and the unreacted BA in equimolar amounts and 

is fed to distillation column T-601 that recovers 99% of the BA. The acetal rich stream is 

fed at the top of the reactive distillation column T-602 together with 100% excess water 

that is fed at the bottom of the reactive distillation column. PDD in the presence of 

excess water and acid is transformed to the corresponding diol which is obtained as 

bottom product and stored in storage tank T-606. The top product contains the unreacted 

water and the BA produced and is fed to the third distillation column (V-603) where BA 

is recovered and fed back to the reactor R-101.  The downstream process for the recovery 

of BDO is designed based on the experimental data presented by Li et al. (2013) and Hao 

et al. (2006). The summary of cost related data is presented in Tables 2.9 and 2.10.  
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Figure 2.22 Potential downstream Process Flow Diagram of the molasses to 2,3-BDO process 

 
 

Table 2.9 Summary of cost estimation for AREA 500 – upstream area for BDO production from 

molasses 
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UNIT 

Character
istic 

size 

Uni

ts 

Materials of 

construction 
CEPC

I0 

Cp0 

($) # 

Refere

nce 

CEP

CI 

Cp 

(M$@2014) 

Electricity 

(kWh/y) LPS (t/y) 

F-501 0.16 m3 304SS 521.9 0.029 1 

 

576.1 0.033 

  F-502 1.60 m3 304SS 521.9 0.037 1 

 

576.1 0.041 

  F-503 16.05 m3 304SS 521.9 0.061 1 

 

576.1 0.068 

  F-504 160.50 m3 SS316 521.9 0.257 1 

 

576.1 0.283 

  F-505-

513 535.20 m3 SS316 521.9 0.597 9 

 

576.1 5.928 

  A-501 0.20 hp SS316 521.9 0.001 1 

 

576.1 0.001 

  A-502 1.80 hp SS304 521.9 0.009 1 

 

576.1 0.010 8,246 

 A-503 17.20 hp SS304 521.9 0.035 1 

 

576.1 0.038 82,461 

 A-504 172.20 hp 316SS 521.9 0.231 1 

 

576.1 0.255 824,613 

 A-505-

513 575.00 hp 316SS 521.9 0.476 9 

 

576.1 4.726 29,695,790 

 C-501 196.00 kW CS 390.4 0.130 9 PTW 576.1 1.726 72,755,334 

 E-501 825.00 m2 304SS 390.4 0.169 2 

 

576.1 0.498 

  E-502 47.50 m2 304SS 390.4 0.013 1 

 

576.1 0.019 

 

14,849 

E-503 

0.3067.

3m m 304SS 390.4 0.080 1 

 

576.1 0.118 

  

TOTAL: 13.743 103,366,444 14,849 

AREA 600 
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Table 2.10 Summary of cost estimation for AREA 600 – downstream area for BDO production from 

molasses 

 

 

2.4.5 DISCUSSION OF THE RESULTS OF THE DETAILED EVALUATION 

The results of the economic detailed economic analysis are summarized in Table 2.11. 

As can be seen from Table 2.4 the EP that is obtained from the detailed evaluation is 

significantly lower when compared with the estimated EP. This is due to the fact that 

the downstream processes are based on energy intensive thermal separation processes 

(distillation, evaporation). This gives rise to significant utilities consumption in the 

downstream sections which are not taken into account in the approximate economic 

model. In addition, in the case of PHB there is a significant consumption of chemical 

for cell mass digestion which is also not accounted for in the approximate model. Eq. 

(2.7) overestimates the fixed capital costs while Eq. (2.12) offers a reliable estimation of 

the operating labor costs. Despite, the differences in the individual cost contributions 

the technology mix selected by the proposed methodology results in a positive and 

significant economic potential.  

 
 

 

 

 

 

 

 

 

 

 

UNIT 

Characteristic 

size Units 

Materials of 

construction CEPCI0 Cp0 ($) # Reference CEPCI 

Cp 

($@2014) 

Electricity 

(kWh/y) LPS (t/y) CW (t/y) 

V-601 110.00 m3 SS304 390.4 67,800 1 PTW 576.1 0.100 
   F-601 177.35 m2 SS304 402.0 297,014 1 Walas 576.1 0.426 

   R-601 35.00 m3 SS316 390.4 284,000 1 PTW 576.1 0.419 776,720 
 

826,377 

R-602 38.00 m3 SS316 390.4 297,000 1 PTW 576.1 0.438 887,680 

 

896,910 

V-602 2 m × 5.5 m 
 

SS316 390.4 55,150 1 PTW 576.1 0.081 
   

T-601 

2.95 m× 9.5 

m 
 

SS316 390.4 172,360 1 PTW 576.1 0.254 
   

 

14 Sieve 

trays 
 

SS316 390.4 37,405 1 PTW 576.1 0.055 
   V-603 3.17 m3 SS316 390.4 13,600 1 PTW 576.1 0.020 

   E-601 600.00 m2 SS316 390.4 133,000 2 PTW 576.1 0.392 

  

7,974,305 

E-602 256.00 m2 SS316 390.4 41,370 1 PTW 576.1 0.061 

 

175,700 

 T-602 4 m × 12.9 m 
 

SS316 390.4 264,690 4 PTW 576.1 1.562 
   

 

14 Sieve 

trays 
 

SS316 390.4 49,080 4 PTW 576.1 0.290 
   V-604 24.20 m3 SS316 390.4 78,660 1 PTW 576.1 0.116 

   E-603 900.00 m2 SS316 390.4 103,000 4 PTW 576.1 0.608 
  

58,869,830 

E-604 253.00 m2 SS316 390.4 41,000 4 PTW 576.1 0.242 

 

1,202,620 

 T-603 2 m × 12.8 m 
 

SS316 390.4 143,000 1 PTW 576.1 0.211 
   

 

20 Sieve 

trays 
 

SS316 390.4 35,000 1 PTW 576.1 0.052 
   V-605 3.50 m3 SS316 390.4 29,400 1 PTW 576.1 0.043 

   E-605 77.80 m2 SS316 390.4 17,700 1 PTW 576.1 0.026 
  

2,942,880 

E-606 77.20 m2 SS316 390.4 17,600 1 PTW 576.1 0.026 

 

68,465 

 V-606 2560.00 m3 SS304 390.4 406,000 1 PTW 576.1 0.599 
   

 

 

 

     TOTAL: 6.020 1,664,400 1,446,785 71,510,302 
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Table 2.11 Summary of detailed EP evaluation. 

 

  

 FCI 

(M$) 

CRM 

(M$/y) 

COL 

(M$/y) 

CUT 

(M$/y) 

COM 

(M$/y) 

EP (M$/y) 

AREA 

100 

78.380 78.970+36.5 2.800 3.200 189.5  

 

 

223.5 – 189.5 

=33.98 

AREA 

200 

49.138 - 0.920 12.930 

TOTAL 

sucrose 

to SA 

(t12) 

127.518 115.47 1.720 16.130 

       

AREA 

300 

58.944 4.798+10 4.320 2.444 60.85  

 

 

110.5 – 60.85 

=49.15 

AREA 

400 

10.619 9.86 0.560 1.353 

TOTAL 

glycerol 

to PHB 

(t10) 

69.563 24.66 4.880 3.797 

       

AREA 

500 

68.716 75.130 2.560 6.648 187.74  

 

 

219.6187.74 

=31.86 

AREA 

600 

30.101 5.482 0.300 44.562 

TOTAL 

molasses 

to BDO 

(t7) 

98.817 80.612 2.860 51.210 

TOTAL M$ 115 
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3.1 INTRODUCTION 

 

The production of chemicals and fuels through microbial bioconversion technologies 

using renewable resources has attracted significant attention from both industry and 

academia (Bozell and Petersen, 2010, Ribeiro et al., 2016). This attention has resulted in 

a plethora of experimental investigations on the potential of producing specific 

intracellular or extracellular products that can serve as sustainable drop-in substitutes 

for unsustainable petroleum-derived chemicals (Koutinas, et al., 2014). However, the 

adoption of bioconversion technologies has been very limited and recently a number of 

expensive failures to reach the production stage have been reported (Sanford et al., 

2016). Bio-ethanol is one of the well-studied platform chemicals and fuels that has also 

achieved successful commercialization. Lactic acid, succinic acid, 1,3-propanediol and 

1,4-butanediol have also reached commercialization and are now competing with well-

established and optimized petrochemical processes of proven record. The volumes of 

currently produced bio-based products are significant and are expected to grow at a low 

but constant rate in the years to come (Choi et al., 2015, Sanford et al., 2016). In some 

cases, like the case of lactic acid, an impressive expected annual growth rate of 18.6% 

has been reported for the period 2015-2020 (http://www.marketsandmarkets.com). 

These developments have resulted in a pressing need to develop tools that can support 

all stages of the commercialization of microbial bioconversion technologies that range 

from strain modification to equipment scale-up and technoeconomic analysis (Van 

Dien, 2013, Choi et al., 2015, Bonatsos et al., 2016). This work aims at presenting such 

a tool that can be used to develop and evaluate optimal technoeconomic design of the 

biotransformation section of any bioconversion technology based solely on data 

obtained from lab-scale experiments and a small number of reasonable assumptions.  

A comprehensive technoeconomic evaluation of a microbial bioconversion 

technology needs to take into account all three main sections appearing in a 

biotechnological process: pretreatment, biotransformation (upstream) and product 

recovery/purification (downstream) (Blanch and Clark, 1997, Doran, 2013). In this 

work the focus relies on the biotransformation part and more specifically on 

biotransformation technologies that are based on the batch or fed-batch operation of 

conventional bioreactors (either stirred or unstirred, aerated or an-aerated cylindrical 

tanks with internal coils for cooling). To design less common, alternative reactor types 

such as bubble-columns, airlift or packed bed bioreactors, using the proposed 

methodology several modifications are necessary. The pretreatment and product 

recovery operations are diverse in nature and depend strongly on the particular case 

study considered and the development of a generalized process flow diagram (although 

possible from the theoretical point of view using a superstructure type representation of 

the alternatives) is inefficient from the practical point of view. The topology and the 

unit operations involved in the downstream section, for example, depend on the titer 

(final concentration of the product(s) in the broth), nature and concentration of 

byproducts, thermophysical properties (miscibility with water, activity, boiling point), 

nature (intra or extracellular) of the main product, the biomass concentration and final 

use, etc.  

Having defined the boundary of our study the next step is to define our objective 

which is to develop and propose a mathematical model for the design and optimal 

scheduling of operations involved in the biotransformation section. This model has to 

rely solely on parameters determined in an experimental investigation under batch of 
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fed-batch conditions such as sterilization conditions, titer, fermentation time, yield, 

aeration rate and agitation intensity (Van Dien, 2013, Koutinas et al., 2014). The model 

must also be simple enough so as to be able to quantify the effects of the uncertainty in 

the estimation of these parameters to the overall economic performance. In addition, the 

model must capture all essential cost and operation elements of the process but it is, at 

the same time, simple enough so as to be used from users with no expertise in process 

systems engineering. The aim is to be able to investigate and quantify the effect of 

decisions taken at the process development phase on the process economics and 

potential commercialization.  

The paper is organized as follows. First a mathematical model that fulfills the 

objectives set is presented. The model is based on a generalized (superstructure type) 

topological representation of the biotransformation section (as defined in the previous 

paragraphs). The model of the process is then augmented with a model of the process 

economics that can be used to determine the contribution of the biotranformation 

section to the overall cost of manufacture. Finally, a number of case studies are 

presented so as to elaborate further the advantage of using the proposed methodology. 

Some important characteristics of the economics of biotransformation section, that are 

observed for first time, thanks to the efficiency of the proposed formulation, are 

presented and discussed in detail. It should be noted that the software developed during 

the course of this study is also provided as supporting information. The aim is to be 

used by the community so as to be improved, extended and provide a common basis for 

comparing alternative production routes or alternative products.  

3.2. PROPOSED METHODOLOGY FOR OPTIMAL 

BIOREACTOR DESIGN 

3.2.1 DESIGN EQUATIONS OF THE UPSTREAM PROCESS  

A generic process flow diagram for the upstream process of a typical biotransformation 

technology is shown in Figure 3.1 (Blanch and Clark, 1997, Doran, 2013). Nutrients 

and supplements are fed together with the carbon source and process water (possibly 

through an inline mixer) to the sterilization section. The sterilization section usually 

consists of a process stream heat exchanger (E-101), where the sterilized stream 

exchanges heat with the fresh feed. The preheated, fresh stream is heated to the 

sterilization temperature using heating steam (E-102) and is then fed to a well insulated 

holding tube (E-103) to achieve the desired sterility. The sterilized and cooled feed is 

then fed to the main bioreactor (F-105). A train of 3-4 seed bioreactors supply the 

necessary inoculum that is approximately equal to 10 % of the main bioreactor volume 

(Doran, 2003). The main bioreactor has also been cleaned and sterilized prior to feeding 

the carbon source and nutrients. The time necessary to prepare the bioreactor is denoted 

by τpr (h) and the time necessary to load the bioreactor is denoted by τl (h). The 

bioreactor, which has an active volume Vb (m
3
) and a total volume of Vf (m

3
), is 

operated in fed-batch or batch mode for a period of τf (h) and produces an intracellular 

or extracellular product with final concentration (titer) Cf (kgm
3

). The uploading of the 

bioreactor lasts for a period τul (h).  
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Figure 3.1 Representative bioreaction (upstream) process flow diagram. 
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The annual production capacity Py (ty
1

) of the bioreactor is achieved using an 

integer number of bioreactors Nf delivering Nb (integer number) of batches per year in 

total. The scheduling of the operation of the bioreactors is usually presented through the 

use of Gantt charts (Blanch and Clark, 1997). A representative Gantt chart that involves 

the operation of 10 bioreactors is shown in Figure 3.2. In this particular operation the 

product stream from the upstream process is continuous, offering the opportunity to 

operate the downstream process in continuous mode and thus reducing the cost of fixed 

capital. The aim is to determine the characteristics of the Gantt chart (Nf, Nb, τl, τul, Vb) 

so as to achieve the desired annual production capacity Py at a minimum cost. It is noted 

that τf is determined experimentally while τpr is usually considered constant. 

 

 

 

 

 

 

 

 

 

 

 
Figure 3.2 Representative Gantt chart of a hypothetical bioproduction system involving 10 bioreactors 

 

 

The first equation is obtained by observing from Figure 3.2 that the continuous 

production is taking place for time that is equal to τy(τpr+τl+τf), where τy is the on 

stream time (in hy
−1

). The total number of batches is Nb (batches per year) and each 

batch is uploaded in a period of τul (h). We therefore obtain the following inequality 

constraint  

 

  flprybulN    (3.1) 

 

One complete cycle of the operation of the Nf bioreactors is defined as the cycle time τc 

(h). In order to have feasible operation the complete production cycle of each 

bioreactor, which is equal to τpr+τl+τf +τul (h), must always be less than the cycle time of 

the process (see also Figure 3.2), i.e.  

 

 ulfulflpr N    (3.2) 

 

The active volume of each bioreactor Vb is determined by the requirement to 

produce a specific total broth volume per year Vy,t  

 

 tybb VNV ,  (3.3) 

 

The total broth volume produced per year can be determined in advance for a given 

annual production capacity (Py) and final product concentration in the broth Cf, i.e. 

Vy,t=Py/Cf. The total volume of each bioreactor is related to the active volume by 

assuming that the active or working volume is a specific fraction λ of the total volume  

τy  

… 

… 

τc = τul·Nf 

τpr  τl  τf  τul  

.............. 
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 fb VV   (3.4) 

 

λ is normally assumed to be equal to 0.8 (i.e., the broth occupies 80% of the bioreactor 

volume) but it must be selected in the range 0.7-0.9 according to the specific application 

(by taking into consideration foam build-up, volume increase due to aeration or 

substrate addition, etc.).  

The loading and uploading times are determined by inequalities (3.5) and (3.6) and 

are bounded by the maximum volumetric flowrate (
maxV  in m

3
/h) at which the broth can 

be pumped to or from the bioreactor for practical or economic reasons  

 

 maxVV lb
  (3.5) 

 

 maxVV ulb
  (3.6) 

 

The geometric characteristics of the bioreactor, i.e. the bioreactor height H (m) and 

diameter D (m), are determined by assuming a specific height to diameter ratio φ 

(=H/D3) and a flat bottomed tank  

 

 
4

3D
Vf


  (3.7) 

 

The hydrostatic head of the broth can also be determined for the known height of the 

liquid in the bioreactor, which is equal to λH. The compression ratio, defined as the 

pressure at the bottom of the bioreactor over the atmospheric pressure can then be 

determined (Peters, Timmerhaus and West, 2003) 

 

 
atm

b
h

r
P

gH
P

P
510




  (3.8) 

 

where ρb (kgm
−3

) is the density of the broth, g (ms
−2

) the acceleration of gravity, Ph is 

the pressure in the headspace  of the bioreactor (bar) and Patm the atmospheric pressure 

(bar). The isentropic work of compression of the air wc,Δs=0 (kWhy
−1

), in the case of 

aerobic processes, can be determined from the compression ratio and the aeration rate, 

commonly expressed in vvm (volume of air per unit volume of bioreactor broth per 

minute)  

 

  1
60

vvm
,0, 










a
rairtyfsc P

RT
ρVw


  (3.9) 

 

where R is the ideal gas constant (8.314 kJkmol
−1

 K
−1

), T is the temperature of the 

environment (K), α (=1−cv/cp) is a constant approximately equal to 0.29 for air and ρair 

is the molar density of air (4.03710
−2

 kmolm
−3

). The consumption of the electrical 

energy on an annual basis is determined by assuming an isentropic efficiency ηe,c 

(=wc,Δs=0/w) and by considering the unit cost of electricity ce ($kWh
−1

). 
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Electrical energy is also consumed for the agitation of the fermentation broth. The 

specific energy for agitation Pagit  (kWm
−3

) is usually considered to fall in the range of 

0.5 – 3 kWm
−3

 and the cost of electricity Ce ($y
−1

) is calculated using the following 

equation  

 

   e
a
rair

ceagite

agit

ftye cP
RTvvmP

VC




















 1

60

1

,,

, 



  (3.10) 

 

where ηe,agit is the electrical efficiency of agitation. Detailed equations that can be used 

to take into consideration broth viscosity and density as well as aeration rate and scale-

up effects with respect the stirrer power requirements (Pagit) are presented in many 

biochemical engineering textbooks (see for instance Doran, 2013 and Bailey and Ollis, 

1986).  However, they are too complex to be included in our formulation while their 

accuracy is questionable.  

Apart from the consumption of electrical energy there is also consumption of 

heating steam. According to the flowsheet shown in Figure 3.1 steam is consumed in 

order to heat up the bioreactor broth from temperature T1 (exit temperature from the 

process heat exchanger) to temperature T2 (temperature at which sterilization is 

performed). The heat that must be supplied by the steam Qs (kJy
−1

) is therefore  

 

  12,, TTcVQ bpbtys    (3.11) 

 

where cp,b is the heat capacity of the broth (kJkg
−1

 K
−1

). The amount of steam necessary 

ms (ty
−1

) is  

 

 sss Qhm   (3.12) 

 

where Δhs is the latent heat of the steam (kJt
−1

). The cost of steam on an annual basis Cs 

($y
−1

) is then calculated using the following equation  

 

 
 

s

s

bpb

tys c
h

TTc
VC 














12,

,


 (3.13) 

 

where cs is the unit cost of steam ($t
−1

). 

In addition to the cost of utilities (electricity and heating steam) the complete 

economic evaluation necessitates the calculation of the equipment cost. This involves 

the cost of the bioreactors and their agitators, the cost of the heat exchangers and 

holding tube and the cost of air compressor. The cost of the seed bioreactors is not taken 

into consideration as data are not usually available for their design. To improve the 

accuracy of our estimation seed fermentors cost elements can be determined using a 

fraction of the cost of the main bioreactors. If detailed experimental data for the seed 

bioreactors are available then the proposed mathematical model can be used to 

determine their optimal design independently from the main bioreactors. In the section 

that follows a set of equation of the following form are proposed (Turton et al., 2009, 

Couper et al., 2005) 

 

  2123 lnlnln XcXccCp   (3.14) 
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where Cp is the purchase equipment cost ($) and X is the characteristic size used to 

correlate equipment size with cost, which is different from each equipment category (c1, 

c2 and c3 are constants given in Table 3.1). If a material different than the one indicated 

in Table 3.1 is to be used then appropriate correction factors can be used to calculate the 

purchase cost (Peters et al., 2003). 

The characteristic size of a bioreactor is the total volume and the characteristic size 

of an agitator and compressor is the brake horse power (bhp) of the motor. The 

characteristic size of a heat exchanger is the heat transfer area. The generic flowsheet 

shown in Figure 3.1 involves two heat exchangers (E-101 and E-102), the heat transfer 

areas (AE-101, AE-102) of which are determined by the following equations 

 

  01,1,1101E TTc
V

TUA bpb

l

b
LM 








 


 (3.15) 

 

  12,2,2102E TTc
V
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l

b
LM 








 


 (3.16) 

 

where U is the overall heat transfer coefficient (kJh
1 

m
2 

K
1

) and ΔΤLM is the 

logarithmic mean temperature difference (K). Finally, the dimensions of the holding are 

determined by the specification of the holding time and the assumption of truly plug 

flow of the medium in the holding tube  
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  (3.17) 

 

where Lt is the length of the holding tube (m), τh is the holding time (h) (observe that 

Lt/τh is the velocity of the liquid in the holding time) and dt is the diameter of the 

holding tube.  

 

3.2.2 COSTING EQUATIONS FOR THE MAIN PROCESS UNITS  

One of the main difficulties in evaluating the economic performance of bioprocesses is 

the lack of available data for determining the purchase cost of the main processing units 

such as bioreactors and agitators. In the most recent report on the conversion of 

lignocellulosic biomass to bioethanol, published by the US National Renewable Energy 

Laboratory (Humbird et al., 2011), a number of cost elements related to the biochemical 

processes have been made publicly available. Based on these data a number of 

equations have been developed that can be used to estimate the purchase cost of 

bioreactors, holding and mixing tank, air compressors, agitators and heat exchangers. 

The form of the equation used is that of Eq. (3.14). It is important to note that these 

equations are only rough approximations due to the fact that they correlate cost with 

only one characteristic size and that their development was based on a limited number 

of data.  

Table 3.1 summarizes the information necessary to apply Eq. (3.14) for the specific 

type of process equipment. The equations are also presented graphically in Figure 3.3 

where the purchase cost per unit size of the equipment is presented as a function of the 
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characteristic size of the equipment. The chemical engineering plant cost index (CEPCI) 

is also given in Table 3.1.  

Using the cost data summarized in Table 3.1 we can determine the total FOB (free 

on board) equipment cost CFOB ($)  

 

 
   
















103,102,101
,

101,105,105
,

EEEi
ip

CAFi
ipfFOB CCNC  (3.18) 

 

Finally the purchase equipment cost can be put on an annual basis using an appropriate 

capital charge factor (CCF) and an approximate total annual cost (TAC in $y
1

) can be 

determined  

 

   seFOBf CCCLCCFTAC   (3.19) 

Lf is a modified Lang factor that accounts for cost of freight (range of 4 to 10 percent of 

the FOB cost) and possibly sales tax (if applicable) and contingencies (range of 10 to 25 

% of the FOB cost) and all costs associated with the installation of the equipment (see 

Baasel, 1990 for a comprehensive discussion). The modified Lang factor used in this 

study obtains the value of 5 (ranges from 3.6 to 6.5).  

The complete mathematical formulation of the optimal design of the upstream 

process consists of Eqs (3.1)-(3.18) and the objective function is given by Eq. (3.19). 

The aim is to minimize the objective function in order to determine the continues 

variables Vb, Vf, A1, A2, dt, D, Pr and the integer variables Nf, Nb, τl and τul (τl and τul can 

be considered as continuous variables to facilitate the solution process but using integer 

variables simplifies the construction of the Gantt chart). This is a mixed integer 

nonlinear programming problem (MINLP) for which efficient solution methodologies 

has been developed. The case studies that follow have been solved using the BARON 

MINLP solver (Sahinidis, 1996) available in GAMS (Rosenthal, 2007). The software 

developed can be found as supporting information from the website of the journal or 

can be requested from the corresponding author.  

 

 
Figure 3.3. Purchase cost per unit of characteristic size of bioreactors (1), mixing and holding tanks (2), compressors (3), agitators 

(4) and heat exchangers (5) as a function of their characteristic size (CEPCI is 521.9 for lines 1-4 and 444.2 for line 5) (the 

characteristic size of each type of equipment as well as its material of construction are given in Table 3.1).  
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Table 3.1 Data on equipment fob purchase cost estimation. 

Equipment Figure 2.3 Characteristic size 

X 

Units Range c3 c2 c1 FINST Material CEPCI 

Bioreactor
1
 1 Total volume m

3
 75.7 -757 9.8054 0.5253 0.0000 2.0 SS304 521.9 

Tank
2
 2 Total volume m

3
 75 - 950 14.2500 -1.0710 0.1313 1.8 SS304 521.9 

Air compresor
3
 3 Motor power kW 100-3000 9.2973 0.4784 0.0000 1.6 CS 521.9 

Agitators 4 Motor power hp 8-800 8.1374 0.4687 0.0448 1.5 SS316 521.9 

Heat Exchanger (Shell & Tube) 5 Heat transfer area m
2
 10-1000 10.0263 -0.3137 0.0987  SS316 444.2 

Skid complete bioreactor
4
 Not included Total volume m

3
 0.3-80 10.8200 0.0997 0.0267 1.8 SS304 521.9 

Anaerobic bioreactor Not included Total volume m
3
 100-6000 5.4071 1.0000 0.0000 1.5 SS304 521.9 

 

1
field erected aerobic bioreactor that includes cooling coils but does not include agitator(s) 

2
nutrients and seed mixing or holding tank  

3
bioreactor air compressor package (8000 SCFM @ 16 psig) 

4
aerobic seed bioreactors, skid mounted  
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3.3. CASE STUDIES  

 

3.3.1 PHB PRODUCTION FROM CRUDE AND COMMERCIAL GLYCEROL  

This case study considers the optimal design for the upstream process for PHB 

production. PHB belongs to the family of polyhydroxyalkanoates (PHAs) which are 

microbial polyesters that accumulate inside cells under condition of excessive C-source 

but growth-limited conditions. PHBs are biodegradable, biocompatible and renewable 

and their production aims at replacing some nonrenewable, petroleum-derived 

polymers. PHB can be produced from various raw materials such as crude glycerol, 

sugar cane bagasse hydrolysates, hydrolysed whey, potato starch and sugar cane 

molasses. The titer varies from 10 gL
−1

 up to 100 gL
−1

 with productivities from 0.15 

gL
−1

 h
−1

 up to 2.5 gL
−1

 h
−1

, depending on raw materials used, microorganism and 

operating conditions (Koutinas, 2014). Cavalheiro et al. (2009) report representative 

experimental data on P(3HB) production from crude glycerol and commercial (pure) 

glycerol. Under optimized conditions with commercial glycerol as a C-source, a final 

concentration of 51.2 g PHBL
-1 

was achieved in 34 h which corresponds to a 

volumetric productivity of approximately 1.5 gL
−1

 h
−1

. The best experimental results 

reported when crude glycerol was used as a C-source was a final concentration of 38.1 g 

P(3HB)L
-1 

achieved in 34 h which corresponds to a productivity of approximately 1.1 

gL
−1

 h
−1

.  

In both cases relatively high aeration rates have been used (2 vvm) in the 

experimental study. It is assumed that in an industrial environment lower aeration rates 

may suffice (0.5 vvm have been used in this study, see Heinzle et al., 2006). If the 

sensitivity of the results to the aeration rate considered is of interest then a sensitivity 

analysis can be performed at it is shown in the second case study. It is reminded that 

titer, volumetric productivity (or fermentation time) and aeration rate are the only data 

necessary to apply the proposed mathematical formulation (which also incorporates a 

number of assumptions related to the industrial scale process that can be adjusted to 

meet the requirements of a specific case study). The optimal design problem is solved 

for both cases so as to quantify the economic penalty associated with the use of crude 

glycerol instead of purified glycerol. The results of applying the proposed mathematical 

formulation are summarized in Figure 3.4. The computation of the optimal solution for 

increments in annual productivity of 1 kty
−1

 takes only a few seconds to complete and 

to produce the complete curve. As can be seen the unitary approximate total annual cost 

decreases at a high rate at low annual productivities but reaches a plateau after 30 kt/y. 

After that it decreases almost linearly (exponent equal to 0.9). This is an important 

result with significant consequences as far as the economies of scale are concerned. In 

the chemical and petrochemical industry when annual capacity is increased, unitary cost 

decreases significantly up to very large capacities (exponent of the order of 0.6 to 0.7 or 

even smaller are proposed by Baasel, 1990). This well known result is a manifestation 

of the general principle of the economies of scale. Unfortunately, this appears not to be 

the case for biotechnological production processes due to the fact that volumetric 

productivities of biotechnological processes are at least one order of magnitude smaller 

than that of chemical processes. This inefficiency results in the need to use many 

parallel, identical units that have the maximum possible size in order to satisfy 

Production demand. We can also observe from Figure 3.4 that use of crude glycerol  
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results in increased cost of approximately 0.2 $/kg of P(3HB) (note that the cost of raw 

material(s) is not taken into consideration in the estimation of the approximate TAC). 

This extra cost is also the economic potential for performing further experiment so as to 

investigate the isolation of the potential inhibitors appearing in crude glycerol.  

 

 

3.3.2 BDO PRODUCTION FROM COMMERCIAL GLYCEROL  

In the second case study the effect of the aeration rate in the production of 2,3-

butanediol (BDO) is investigated. Data on the biotechnological production of BDO 

from commercial glycerol have been presented by Petrov and Petrova (2010). The 

fermentation process is carried out under fed-batch mode with forced pH fluctuations 

and a final BDO concentration of 54.5 kg/m
3
, is achieved in 96 h. 1,3-propanediol 

(PDO) and acetic acid (AC) are also produced in small quantities. The authors have 

used aeration rates that range for 1.1 to 2.2 vvm. The aim of this case study is to study 

the effect of the aeration rate on process economic. The data of the experimental study 

are used and the aeration rate is varied from 0.5 vvm up to 2.2 vvm used in the 

experimental study. The results are presented in Figure 3.5. From Figure 3.5 we can 

observe that the general structure of the diagram agrees with that of the PHB 

production. Significant economies of scale are materialized for annual capacities up to 

20-30 kty
−1

 but the unit cost remains relatively constant for larger capacities. In 

addition we can observe that increasing the aeration rate from 0.5 vvm to 2.2 vvm 

results in a significant increase in the unit cost (approximately 0.5 $/kg BDO). 

Therefore, despite the fact that increasing the aeration rate can result in increased BDO 

Figure 3.4. Approximate unitary total annual cost (TAC) of P(3HB) production as a function of annual 

capacity.  
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volumetric productivity at the lab, the overall economics is adversely affected. Using 

increased aeration rate or agitation power may result in attractive volumetric 

productivity but cannot be justified when economics of the process is taken into 

consideration. The proposed methodology offers the opportunity to investigate and 

quantify quickly the effects that such conditions will have on the economics of an 

industrial scale process. 
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Figure 3.5 Approximate unitary total annual cost (TAC) of BDO production as a function of annual 

capacity and aeration rate 
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4.1 INTRODUCTION 

 

2,3-Butanediol (BDO) could be employed as a platform intermediate for the production 

of numerous chemicals and fuel additives (Voloch et al., 1985). For instance, BDO 

could be used for the production of 1,3-butadiene  with annual worldwide production 

capacity of 10 million tons. According to Ji et al. 2011, BDO could be converted also 

into acetoin, diacetal and various diesters with applications in polymer, food, 

pharmaceutical and cosmetic industries. High BDO concentrations (152kg m
-3

) have 

been reported using pure carbon source by Ma et al. and Zhang et al. 2009 and 2010a,b 

respectively. The productivity was up to 4.2 kgm
-3

h
-1

 2 using bacteria strains such as 

Klebsiella pneumonia and Serratia marcescens H30. The main bioreaction parameters 

that affect BDO production are nutrients requirements, pH and aeration rate. High 

aeration rate favours bacterial growth, whereas low oxygen concentrations and low pH 

conditions favours BDO synthesis (Jurchescu et al., 2013). Considering the above 

mentioned parameters, the optimization of the BDO production by different 

microorganisms could be achieved by optimizing aeration and pH conditions and 

nutrients requirements.         

The bioreaction efficiency of BDO production indicates that industrial 

implementation is feasible. In this thesis, a techno-economic evaluation of BDO 

production is performed. In order to examine the economic potential of BDO production 

the carbon source selected to be glycerol, which is produced in significant quantities as 

a byproduct of biodiesel production. Other feedstocks that can been used as carbon 

sources for BDO production are sucroce and molasses.The necessary data for the 

biotechnological production of BDO were taken from Petrov and Petrova, 2010. The 

bioreaction section has been optimized using the methodology presented in Chapter 3 of 

this study. The downstream separation and purification was based on the process 

developed by Emesrson et al., (1982) in which BDO is converted into Methyl-Ethyl-

Ketone. Then MEK is purified (99%) from water based on experimental data of Othmer 

et al. (1952). So in this study the final product is Methyl-Ethyl-Ketone which can be 

used as a substitute of BDO.       
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4.2 METHODS 

4.2.1 DESCRIPTION OF THE DESIGN STRATEGY 

The determination of the cost of manufacture of BDO was based on the estimation of 

the total capital investment and operating costs of process flowsheets using a 

preliminary economic analysis approach. The upstream process has been optimized 

(Dheskali et al., 2016) in order to achieve a total production capacity 10,000 t/y BDO  

and the software used to develop the downstream process design was Unisim 

(Honeywell). An annual plant operation of 8322 h/y was assumed. 

 

4.2.2 RAW MATERIALS AND FERMENTATION DATA  

The raw material considered for the production of BDO is glycerol, a byproduct of 

biodiesel production. The experimental data are taken from Petrov and Petrova (2010) 

and are summarized in Table 4.1. The process is performed under fed-batch conditions 

with forced pH fluctuations and achieves a final BDO concentration of 54.72 kg/m
3
 

while 17.2 kg/m
3
 of 1,3-propanediol (1,3 PDO, C3H8O2) are also produced. Acetic acid 

(AC, C2H4O2) is also produced in small quantities (1.4 kg/m
3
). The stoichiometric 

reaction considered is the following  

 

C3H8O3 + 0.008NH3 + 0.902O2   

0.039 CH1.8O0.5N0.2 + 0.362 C4H10O2 + 0.135 C3H8O2 + 0.014 C2H4O2 + 1.081 CO2 + 

1.6 H2O 

 

where CH1.8O0.5N0.2 is the molecular formula for the biomass and the stoichiometric 

coefficients are calculated based on experimental data and elemental (C, H, O and N) 

material balances. The experimental data pertinent to the design of the industrial 

bioreactors are also summarised in Table 4.1. 

   
Table 4.1: Summary of experimental data on BDO production from Glycerol 

Raw material Glycerol 

Molecular formula C3H8O3 

Mode of operation Fed-batch 

Micro-organism Klebsiella pneumoniae 

Temperature      (
o
C) 37 

Fermentation time tF (h) 96 

Productivity   pV   
-1

 h
-1

) 0.57 

Yield   (kg/kg) 0.35 

Major byproduct 1,3-Propanediol 

Byproduct concentration (kg/m
3
) 17.2 

Aeration    (vvm) 1.1-2.2 

Agitation   (rpm) 200 
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4.2.3 BIOREACTOR DESIGN  

Following the same procedure as in Chapter 3 of this thesis (Dheskali et al., 2016) 

an optimization process was performed, in order to achieve the minimum cost of 

upstream section. All calculations were done for a total productivity of 10,000 t/y of 

BDO.      

The process flow diagram is shown in Figure 4.1 and the Gantt chart for the 

operation of the bioreactors is shown in Figure 4.2. Nutrients and supplements are fed 

together with the carbon source and process water (possibly through an inline mixer) to 

the sterilization section. The sterilization section consists of a process stream heat 

exchanger (E-101), where the sterilized stream exchanges heat with the fresh feed. The 

preheated, fresh stream is heated to the sterilization temperature using heating steam (E-

102) and is then fed to a well insulated holding tube (E-103) to achieve the desired 

sterility. The sterilized and cooled feed is then fed to the main bioreactors (F-104-113). 

A train of 3seed bioreactors supply the necessary inoculum that is approximately equal 

to 10 % of the main bioreactor volume (Doran, 2003). The main bioreactors has also 

been cleaned and sterilized prior to feeding the carbon source and nutrients. The time 

necessary to prepare the bioreactor is denoted by τpr (1 h) and the time necessary to load 

the bioreactor is denoted by τl (2 h). The bioreactor, which has an working volume Vb 

(244.6 m
3
) and a total volume of Vf (305.8 m

3
), is operated in fed-batch or batch mode 

for a period of τf (96 h) and produces BDO with final concentration (titer) Cf (54.72 

kgm
3

). The uploading of the bioreactor lasts for a period τul (11h). An aeration rate of 

0.5 vvm is needed for each one of the bioreactors, which is achieved by a system of 10 

compressors (C-101-110).  

 

 

 

 

 

 

 

 

 

 

Figure 4.2 Representative Gantt chart system of 10 bioreactors. 

 

 

τy  

… 

… 

τc = τul·Nf 

τpr  τl  τf  τul  

.............. 
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Figure 4.1. Optimal process flow diagram for the fermentation section – Glycerol used as raw material. 
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Table 4.2. Result of the design of the bioreaction section (AREA 100 – see  the process flow diagram) for 

a production of 10,000,000 kg BDO/y. 

Variable Raw material-Glycerol 

Number of bioreactors 10 

Working volume (m
3
) 244.6 

Total volume (m
3
) 305.8 

Loading time  (h) 2 

Fermentation time  (h) 96 

Uploading time (h) 11 

Agitators per bioreactor 1 

Total number of compressors (8000 SCFM/16 psig) 10 

Mixing tank total volume (m
3
) 611.2 

Heat transfer area of recuperator (m
2
) 705 

Heat transfer of heater (m
2
) 40.7 

 

The summary of the design calculations of this study for the upstream process is given 

in Table 4.2.  

 

4.2.4 BDO RECOVERY SECTION 

The downstream process for the recovery of DBO is designed based on the 

experimental data presented in Othmer et al., (1952) and Emerson et al., (1982). The 

main idea is to transform BDO into Methyl-Ethyl-Ketone which can be used as a BDO 

substitute. Koutinas et el. (2016) extensively studied the transformation of BDO into an 

acetal. Then the recovered acetal was reconverted into BDO using a reaction distillation 

column but this technology leads to high equipment and electrical energy cost. So in the 

present study, as mentioned above, an alternative route where BDO is converted to 

MEK (a substitute of BDO) is examined. If sulfuric acid is used as catalyst at 180 
ο
C 

and 0.49 M (Emerson et al., 1982) then BDO is transformed to Methyl-Ethyl-Ketone 

(MEK, C4H8O, mw: 72.11) with a reaction rate  

 

                                         1BDO BDOr k T C                                            (4.1)  

 

Where k1(T)  the reaction rate constant (in min
-1

) and is given by the following equation  

 

                             
  16

1 H

18000
4.3 10 exp( ) C ak T

T
    

                         (4.2) 

 

Where CH
+
 =0.49 M is the concentration of acid is and α =1.53. 

 

Figure 4.3 presents the process flow diagram for the MEK recovery section. Stream 1 is 

the bioreaction section product stream. A rotary vacuum filter (F-201) is first used to 

remove biomass and stream 2 contains all liquids (water, BDO). Stream 2 is fed to the 

first of the two well mixed stirred tank reactors (R-201-202). R-201 operates at 180 
o
C 

and has a working volume of 31.4 m
3
 and achieves 85.6 % conversion of BDO to MEK. 
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The second reactor (R-202) operates at the same temperature and also has a working 

volume of 31.4 m
3
. The overall BDO conversion is 98%. Stream 5 is cooled at heat 

exchanger E-202 in order to be saturated and then the saturated stream 6 is fed to a 

recovered system, which consists of two distillation columns where water is separated 

from the Methyl-Ethyl-Ketone (MEK). The binary system of water-MEK reaches an 

azeotropi point (see Figure 4.4). T-201 operates at a pressure of 1bar where the bottom 

product is water (stream 8) and the top product (stream 7) composition is 65 mole% 

MEK and 35 mole% water. Stream 9 is fed to T-202, which operates at a pressure of 6.8 

bar. For this pressure the azeotropi point has been relocated to 55 mole% MEK and 45 

mole% water. It should be noted that the light component in this case is water, so the 

bottom product is MEK (99%) and the top product (stream 10) is recycled in order to 

recover MEK. The bottom product (Stream 11) is stored in holding tank V-203. 

 

 
    
Figure 4.3. Process flow diagram for Area 200: downstream process for MEK production from Glycerol. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
Figure 4.4. Vapor - liquid equilibrium diagram of MEK-Water (Othmer et al. 1872). 
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4.2.5 ESTIMATION OF THE FIXED CAPITAL INVESTMENT  

The estimation of the fixed capital investment (FCI) is based on the estimation of the 

equipment purchase cost (Cp) or the installed equipment cost (CINST) for the inside 

battery limits (ISBL) equipment. In this thesis the first one is chosen. The FCI is then 

calculated using appropriate multipliers. When the equipment purchase cost is available 

then many authors have proposed a multiplier in the range 3 to 6 in order to obtain an 

estimation of the FCI. The lower values of the multipliers are more appropriate when 

the new production facility will be an extension of an existing industrial facility and will 

only require minor upgrades and modifications to the outside battery limits units 

(OSBL) (such as utilities production area, wastewater treatment area, storage facilities, 

etc.). The larger values are normally proposed for larger production facilities that 

require major alterations of dedicated OSBL facilities. However, this is not a clear cut 

decision and is difficult to determine what is an appropriate value for the multiplication 

factors that are appropriate for biotechnological facilities. Given the fact that the 

proposed production plant will be constructed mainly from relatively expensive material 

(SS304 or SS316) it is envisaged that the actual FCI will be in the range of 5CP. As this 

range is significant a parametric analysis of the potential profitability indices with 

respect to the estimated FCI will be performed.  

The estimation of the purchased equipment cost is based on standard chemical 

engineering techniques and widely acceptable rules of thumb (Couper et al., 2005, 

Peters et al., 2002) for the design and sizing of chemical process equipment. Provided 

that the sizing has been completed then data from several textbooks can be used to 

estimate the purchased equipment cost. In our case recent cost data from the 2011 

NREL report on bioethanol production (Humbird et al., 2011) have extensively been 

used to calculate equipment cost. When data are not available in this report then the 

textbooks of Peters et al., (2002) or Couper et al., (2005) have been used. More 

specifically, when the purchase cost Cp,0 of a particular type of equipment with 

characteristic size X0  is known at year t0 then the purchase cost Cp of the same type of 

equipment but different characteristic size X and/or at different year can be obtained 

using the following equation  

 

                             

n

p

t

t
p

X

X
C

CEPCI

CEPCI
C 










0

0,

0

                                   (4.3) 

 

where the exponent is characteristic to the particular type of equipment and CEPCIt is 

the chemical engineering plant cost index at year t published monthly in the Chemical 

Engineering Magazine.  

Tables 4.3 summarize the results of the FCI estimation for the bioreaction section 

using glycerol as raw material and of the downstream MEK recovery area (Table 4.4). 

An annual capacity of 10,000 t BDO /y in bioreaction section assumed with an overall 

downstream recovery of MEK equal to 99%. The characteristic size of each equipment 

is indicated in these tables together with the purchased equipment cost and the source of 

cost data (NREL denotes the 2011 NREL report on bio-ethanol production, PTW the 

textbook by  Peters, Timmerhaus and West, Walas the textbook by Coper et al. and 

Gurthrie the well-known methodology presented by Gurthrie in the early 70’s). It can be 

observed that the cost of the bioreaction area is significantly larger than the cost of the 

downstream product recovery area. The cost of bioreactors (including their agitators and 

compressors for aeration) is the most important cost (approximately 90% of the total 
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equipment cost) and determines, to a large extend, the final FCI necessary for the 

bioprocess under study.  

 
Table 4.3. AREA 100: BDO production from glycerol: fixed capital investment estimation summury 

UNIT Characteristic Size Cp 

M$2013 

Data 

source 

Cp 

% 

T-101 V=611.6 m3, SS304 0.387 NREL 3.15 

A-101 12 hp SS304 0.017 NREL 0.14 

E-101 A=705 m2 0.257 PTW 2.09 

E-102 A=41 m2 0.035 PTW 0.29 

E-103 SS316 Sch 40 d=0.3, L=60 m 0.08 PTW 0.65 

F-101 0.31 m3, skid complete, SS304 0.05 NREL 0.41 

F-102 3.1 m3, skid complete, SS304 0.063 NREL 0.51 

F-103 31 m3, skid complete, SS304 0.105 NREL 0.86 

A-103 SS agitator 0.078 NREL 0.64 

F-104-113 10 306 m3, SS304, incl. int. coil 3.99 NREL 32.52 

A-104-113 10730 hp, SS316 5.725 NREL 46.66 

C-101-110 108000 SCFM, 16 psig, CS 1.482 NREL 12.08 

TOTAL (M$) 12.27   

FCI (M$) ≈5·12.27=61.35   

 

 
 Table 4.4. AREA 200: Equipment cost summary after energy integration.  

 Characteristic Size Cp 

M$2013 

Data source Cp 

% 

F-201 A=49.2 m
2
 0.230 Walas 20.14 

R-201 V=31.4 m
3
 0.114 PTW 9.98 

R-202 V=31.4 m
3
 0.114 PTW 9.98 

T-201 D=0.99 m, H=6.1 m 0.074 Guthrie 6.48 

 11 trays 0.023 Guthrie 2.01 

T-202 D=0.42 m, H=4.9 m 0.025 Guthrie 2.19 

 9 trays 0.015  1.31 

E-201 A=171 m
2
 0.078 PTW 6.83 

E-202 A=28.2 m
2
 0.03 PTW 2.63 

E-203 A=36 m
2
 0.033 PTW 2.89 

E-204 A=44.2 m
2
 0.036 PTW 3.15 

E-205 A=8.3 m
2
 0.023 PTW 2.01 

E-206 A=10 m
2
 0.024 PTW 2.10 

E-207 A=22.4 m
2
 0.028 PTW 2.45 

E-208 A=10 m
2
 0.024 PTW 2.10 

E-209 A=10 m
2
 0.024 PTW 2.10 

V-203 V=246 m
3
 0.247 NREL 21.63 

TOTAL (M$) 1.14   

FCI (M$) ≈5·1.14=5.71   

 

4.3. ESTIMATION OF MANUFACTURING COST  

To calculate the overall cost involved in producing the MEK, in addition to FCI we 

need to estimate the cost of utilities CUT, the cost of raw materials CRM and the cost of 

operating labor COL (the cost of waste treatment is considered negligible).  
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The consumption of utilities and their annual costs are summarized in Tables 4.5, 

4.6. We observe that for the bioreaction section the main part of the utilities cost is 

related to the agitation and aeration of the bioreactors. The most important cost of 

utilities in the downstream process for MEK recovery is the cost of high pressure steam 

(HPS).  

The cost of raw material is summarized in Table 4.7. Only the cost of nutrients and 

supplements has been taken into consideration in these tables. The cost of glycerol is 

assumed negligible due to the fact that constitutes a byproduct of biodiesel production.    

In order to estimate the cost of manufacturing, equation 4.4 is used. This equation 

proposed by Turton et al., (2009) and consists of cost of raw materials, cost of utilities, 

FCI and labor cost (considered equal to 0.9 M$). 

 

              UTRMOLwoD CCCFCICOM  23.173.218.0                    (4.4) 

 

Using equation (4.4) we estimate the COMwoD to be equal to 21.12 M$ . 

 
Table 4.5. AREA 100: utilities consumption and cost summary. 

UNIT Elecrticity 

10
6
 kWh 

LPS 

10
6
 t/y 

MPS 

10
6
 t/y 

CW 

10
6
 t/y 

A-101 0.076 - - - 

A-103 0.258 - - - 

A-104-113 38.99 -  - 

C-101-1010 14.079 - - - 

E-102 - 0.004 - - 

E-104 - - - 1.224 

TOTAL 53.403 0.004 0.0 1.224 

Unit price 0.06 $/kWh 12.68 $/t 13.71 $/t 0.015 $/t 

M$/y 3.2 0.051  0.018 

CUT=3.27 M$/y 

 

Table 4.6. AREA 200: Utilities consumption and cost summary. 

UNIT Elecrticity 

10
6
 kWh 

LPS 

10
6
 t/y 

MPS 

10
6
 t/y 

HPS 

10
6
 t/y 

CW 

10
6
 t/y 

R-201/2 1.161    - 

E-201 - - -  - 

E-202 - - - 0.034 - 

E-203 - - - - 1.234 

E-204 - - - - 0.590 

E-205 -  - - - 

E-206 - 0.013  - - 

E-207 - - 0.008 - - 

E-208 - - - - 0.082 

E-209 - - - - 0.036 

TOTAL 1.161 0.013 0.008 0.034 1.942 

Unit price 0.06 $/kWh 12.68 $/t 13.71 $/t 16.64 $/t 0.015 $/t 

M$/y 0.07 0.165 0.11 0.566 0.029 

 CUT=0.94 M$/y 



65 
 

Table 4.7.Raw materials cost (excluding glycerol): BDO production from glycerol. 

Material kg/m
3
 t/y $/kg M$/y 

Yeast extract 2 366 1.500 0.549 

NaH2PO4 1.38 253 1.600 0.405 

(NH4)2SO4 5.35 978 0.150 0.147 

MgSO4 0.26 48 0.420 0.020 

Na2SO4 0.28 52 0.135 0.007 

Citric acid 0.42 77 0.850 0.070 

KCl 0.75 137 0.125 0.017 

TOTAL 1.15 

 

 

4.4 ESTIMATION OF THE BDO MINIMUM SELLING 

PRICE  

 

In order to calculate the minimum selling price of MEK a discounted cash flow (DCF) 

analysis is performed. The aim is to determine the price of the raw material expressed in 

$/kg that results in zero net present value (NPV) of the project. This is called the 

minimum selling price (MSP) of the product. The assumption for performing the DCF 

analysis are based on the 2011 NREL bioethanol production report and are summarized 

in Table 4.8. In this respect, the following assumptions have been made: the discount 

rate (or internal rate of return) is 10%, the plant lifetime is 30 years,the equity financing 

is 100%, the depreciation is 7 years based on the Modified Accelerated Cost Recovery 

System (MACRS), the corporate tax rate is 35%, the duration of the plant construction 3 

years, the percentage of project costs is 8%, 60% and 32% for the 1
st
, the 2

nd
 and 3

rd
 

year of the plant construction period respectively, the working capital is 5% and the 

salvage value and land purchase costs are zero.  

The results of the DCF analysis are presented in Figure 4.5. The MSP is presented 

in this figure as a function of the FCI and the price of glycerol. When glycerol is 

assumed to be available at no cost the MSP varies from 2.4 $/kg up to 3.2 $/kg. When 

the price of glycerol is increased to 300 $/t then the MSP increases to 3.8 $/kg – 5.0 

$/kg. We observe that the FCI must be increased approximately by 35 M$ to increase 

the MSP by 1 $/kg.  
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Table 4.8 Parameters of the DCF analysis.  

Discount rate (or internal rate of return) 10 % 

Plant lifetime 30 y 

Equity financing 100 % 

Depreciation 7 year MACRS 

Corporate tax rate 35 % 

Construction time 3 y 

% of project cost in the 1
st
, 2

nd
 and 3

rd
 year of construction 8 % / 60% / 32 % 

Working capital 5 % 

Salvage value 0 

Land costs 0 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4.5. Minimum selling price as a function of glycerol 
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CONCLUSIONS 

Nowadays, the conversion of biomass or other waste streams for chemicals or fuel 

production is one of the most well-studied science thoughts due to its importance either 

economically or environmentally. The optimization of these clean technologies that will 

replace the traditional ones is the major problem that chemical engineers are required to 

solve, because of the complexity of these pathways. Qualitative methods, such as 

mathematical programming methods, are traditionally used in decision making and 

strategy planning.  

The goal within the biorefinery concept is to start with a biomass feedstock-mix, to 

produce a multiplicity of products by a technology-mix in a systematic and 

technologically feasible way so as to improve economics and environmental 

performance. Given the plethora of available biotransformations the aim is to develop 

engineering tools so as to evaluate their technical and economic characteristics with 

sufficient accuracy in acceptable time scales. This is by no means a recent challenge. In 

this thesis (Chapter 2) a systematic methodology for solving the problem of technology 

selection is proposed which is based on mathematical programming techniques. The 

novelty of the work presented is that it incorporates significant details of the bioprocess 

design at the strategic model and also use is made of a relatively accurate model for 

estimating the cost of manufacture of the alternative bioprocesses. In the extensive case 

study the usefulness of the proposed methodology is demonstrated. 

The challenge and the goal of this work, is based on equality 2.7. Using this 

equation gives the FCI of any technology, calculating first the total installed volume of 

bioreactors used. The graphical expression of this equality is given in Figure 2.13 

where, given the total installed capacity in L, gives the FCI per L. The future of this 

thought, namely the selection of the optimum technology among a wide range of raw 

materials, processes and final desired products, is the improvement of this curve. There 

have to be done more detailed studies, for common platform chemicals, either the ones 

of laboratory scaled or these already implemented at industrial scale. Finally, there have 

also to be done some environmental studies for these technologies, so as to detect the 

environmental impact of these biotransformation technologies and make a comparison 

among them. 

In Chapter 3 a mathematical model for designing and optimizing the 

biotransformation (bioreaction) section of biotechnological processes has been 

presented. The model has been augmented by equations for the estimation of the 

equipment cost derived from a recent publication by the US National Renewable Energy 

Laboratory. A mathematical programming model is then proposed that can be used to 

derive the cost-optimal design of process units and the optimal scheduling of their 

operation so as to minimize an approximate annual cost. The relative software 

developed is available from the journal web page or the corresponding author. The 

proposed model and supplied software can be used to quantify the effects of decision or 

improvements taken at a lab scale on the process economics. It is of paramount 

important to note that this can be achieved at the early stage of the development of a 

biotechnological project. Due to the efficient implementation several parametric studies 

can also be performed so as to guide further experimentation and set important 

milestones in order to achieve the performance metric for successful commercialization. 

The economics of MEK production, which can be used as substitute of BDO, from 

renewable resource through biotechnological route, is studied in Chapter 4 and the main 

conclusion is that commercialization is currently not attractive due to the high MSP of 

MEK. The market price of glycerol (carbon source) has a significant effect on minimum 
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selling price of MEK which can be observed from Figure 4.5. The main equipment cost 

is observed in bioreaction section, so the improvement of bioreaction efficiency is 

required. BDO production by bioreaction could lead to the production of a cost 

competitive building block for the future bioeconomy era.  
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